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Abstract

Simulation of distillation columns usually is carried out using an equilibrium model based on
the assumption that thermodynamic and thermal equilibrium exists on each tray in the
column. To deal with departures from thermodynamic equilibrium it is common practice to
specify an efficiency that is the same for all components on all stages. However, component
efficiencies are not equal in systems with more than two components and cannot be
correlated, especially for nonideal systems. This makes the equilibrium model inappropriate
for dynamic simulations where these efficiencies are subject to change and cannot be
specified beforehand. Using constant efficiencies neglects the influence of the tray
hydrodynamics on the mass transfer and the consequences for the column dynamics.
Additionally, in certain column operations there is a departure from thermal equilibrium
which cannot be modeled with the equilibrium model either.

In this report equilibrium as well as nonequilibrium mode] for the dynamic simulation of

. distillation columns is described. The nonequilibrium mode] incorporates the rigorous
calculation of the mass and energy transfer rates and avoids the use of efficiencies. The
influence of mass transfer correlations on column dynamics has beep investigated. A new
design mode is implemented that eliminates the need for a previously known column layout
in order to do a nonequilibrium (dynamic) simulation, which enlarges the range of application
of the model.
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Chapter 1 Introduction

To improve the economics, flexibility, operability, and safety of column-based separation
processes, design that considers steady-state as well as dynamic behavior is desired. This
requires a fundamentally sound model that is capable of accurately describing the separation
process. A nonequilibrium model can provide accurate predictions of column performance
without the need to fit experimental column data. My objective is to make use of Aspen
Hysis which has an improved nonequilibrium model which allows both steady-state and
dynamic behavior of columns to be studied.

Need for Dynamic Process Modeling

Current industry design practices feature separate process design and process control groups.
Process design remains a largely sequential process with each process unit being sized
individually with the emphasis on minimizing capital expenditures instead of an emphasis on
overall performance. The resulting dynamic system of the connected equipment can be ill-
behaved or difficult to control. Especially designs that minimize holdups may lead to severe
control problems. Control engineers often are involved only after the design is already
complete. This may lead to redesign of the control system or equipment, unnecessarily
complicated control systems, and revenue lost due to delays or not meeting promised product
deliveries.

In the process design phase, dynamic simulation is needed to determine dynamic responses to
process disturbances such as surge tank levels, column sump levels, product flow rates, or
product compositions required for sizing of the relevant equipment as well as for the selection
and location of control sensors and actuators. Dynamic modeling can also identify whether
the product goals are attainable and detect control schemes which are not adequate or
appropriate for meeting given product specification goals. This is specifically of interest with
the installation of advanced control algorithms. Initial tuning and optimization of control
Parameters can result in faster process start-up and control problems wil be detected earlier
when the process design can be altered wit!mut a considerable increase in costs.
Controllability of alternative flowsheets can be investigated and auxiliary equipment for
startup or shutdown can be located and de§lgnefi. A side benefit from dynamic simulation is
that process engineers will become familiar with the process dynamics and control issues
(and control engineers with process design): . .

For process s afety assessments, dynamic simulation can be used to check whether
environmental constraints will be met during transitions or to test various emergencies shut
down procedures without performing actual eXperiments. Start-up and shutdown of current
Processes can be optimized and while iptqrfacfing with the control structure dynamic
simulation can facilitate online process optnmlz‘atlon and operator training. It can also be a
tool for testing the controls robustness, .., In relation to measurement errors or valve
malfunctioning.

Clearly, dynamic simulation provides process and control engineers with a powerful tool to
improve process design and production in various ways which can lead to improved
fevenues. However, dynamic process simulation is only yet starting to become of importance

due to the fact that dynamic simulation programs and packages have suffered from a number
Lﬁ\mgg
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of deficiencies. Most engineers could not use them because they were geared for use by
specialists; they were neither user-friendly nor interactive. Usually, even the more simple
models required large computer resources. Simulators were not portable, fast, flexible,
extendable, maintainable, or affordable.

Dynamic Column Simulation

The simulation of separation processes — in particular the simulation of distillation columns is
an essential part of dynamic process simulators. Distillation is a high energy consumer in
most chemical processes and the interactions between columns can be significant from the
design as well as the operability point of view.

Simulation of separation processes by equilibrium stage calculations dates back to 1893 when
Sorel published equations for simple, continuous, steady-state distillation. These equations
included total and component material balances and a corresponding energy balance that
could account for heat losses. Sorel’s equations were not widely applied until 1921 when they
were used in a graphical solution technique for binary systems by Ponchon (1921) and
Savarit (1922), who employed an enthalpy concentration diagram. In 1925 a much simpler,
but restricted, graphical technique was developed by McCabe and Thiele, The simplification
was achieved by assuming constant molar overflow, eliminating the energy balance
equations. Lewis and Matheson (1932) and Thiele and Geddes (1933) were the first to
propose methods to solve the systems of equations in a tray by tray manner. Thiele and
Geddes (1933) were also the first to solve each type of the MESH equations in turn (MESH is
the acronym referring to the different types of equations: M=Materia] balance,
E=Equilibrium, S=Summation, H=Heat balance).

After the introduction of the digital computer in the 1950°s, the rate of development of
algorithms and simulators has increased dramatical!y. Equilibrium st.age calculations enabled
engineers to design a column for the separation.of 'SImple mixtures without the need to build a
pilot plant again and to scaleup. This had a big impact on the investment costs and design
time for a new (part of a) plant. Several textbooks describe the development of the
equilibrium stage simulation (see King, 1980; Henley and Seader, 1981; Holland, 1981).
Seader (1985) has discussed some recent advances in numerical methods for application to
mathematical modeling in process design. By the late 1970’s, the steady-state equilibrium
stage simulators had made substantial strides, particularly' in tl{e area of the physical property
Prediction. By the end of the 1970’s some commercial simulators had gained a wide
acceptance by chemical engineers working in process design.

Chemical engineers first used dynamic simulation to evaluate contro] and safety system
designs in the mid 1950’s. Only the simplest models could be used, even if just a single unit
Was to be simulated, since computers were, at that time, far too slow. For the dynamic
simulation time derivatives of the holdups on the stages are required making the equations to
solve differential ones. A model described by as many as fifty differential equations was then
a large model. Early computer models and experiments that appeared in the literature were
reported by Mah et al, ( 1962), Huckaba and coworkers (1963, 1965), Luyben et qf. (1964),
Waggoner and Holland (1965), Distefano (1968), and Howard (1970). Howard (1970)
discussed a continuous distillation simulator and compared results with experiments.

Constant molar holdups were assumed, derivative terms in the energy equation were
M
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eliminated and a Runge-Kutta method was used for integration. Boston and Britt (1981)
developed a commercial batch distillation simulator, based mainly on the model of Distefano.
Gallun and Holland (1982) used Gear’s method (19714, b) to solve the equations involved in
dynamic simulation. Holland and Liapis (1983) discuss the use of semi-implicit Runge-Kutta
methods as well as the multi-step methods of Gear for the

Integration. Prokopakis and Seider (1983) simulated azeotropic distillation towers.

Gani et al. (1986, 1987a, b, 1989), Cameron (1988), and Ruiz (1988) proposed an extended
model for the continuous dynamic simulation of distillation columns. They also discussed the
optimization of the dynamic startup/shutdown operations (Gani ef al., 1987a, b) and the
hydraulics involved. Their model is, perhaps, the most comprehensive dynamic equilibrium
stage model described in the literature. They neglected vapor holdup (which is much smaller
than the liquid holdup) and assumed the equilibrinm model for each stage in the column,
using the Murphree plate efficiency. The equations are solved with an ODE solver which
solves the algebraic equations through a procedural approach. Gani e 4l (1987a, b) discuss
startup/shutdown operations and the hydraulics involved which they reported to play a major
role in these kinds of simulations. Cuille e al. (1986) simulated batch distillation with
- chemical reactions present. Holl et al. (1988) made a dynamic simulator called DIVA and
Pantelides (1988) included dynamic simulation in SPEEDUP. Gani and Cameron (1989)
proposed a general simulator for steady-state as well as dynamic simulation. The dynamic
model could even help with steady-state calculations that are very hard to converge.

Several authors discuss the assumptions used in the dynamic simulation of separation
columns that introduce errors. Ranzi et al. (1988) discussed the effects of the energy balances
and the way they affect the simulation. They found that the energy balances must be
evaluated completely in order to predict correct behavior. Choe and Luyben (1987) conclude
that vapor holdups cannot be neglected (especially for columns operating at high pressures)
and that column pressures should be calculated (especially for low pressure columns, where
the tray pressure has a large influence on the tray tempe':rature).

Nonequilibrium column models

Although the equilibrium model has been the basis of the dynamic simulation of distillation
columns, its shortcomings are well known. The model. is bas.e.d on the assumption that both
phases leaving a stage are in thermal and thermodynamic equilibrium. In practice equilibrinm
is rarely attained since mass and heat transfer are actually rate processes that are driven by
the gradients in chemical potential and temperature.

The traditional method of coping with finite rates of mass transfer in stagewise processes has
been through the concept of stage efficiency. There are various definitions of stage
efficiencies, but the most popular is the Murphree (1925) component vapor efficiency:

£ =Y " Yigr (L.1)
yij - yi:j“l

s ——————————————
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This stage efficiency reflects the ratio of actual mass transfer over the mass transfer that
would be accomplished by an equilibrium stage. For lack of other information, the stage
efficiency is taken to be the same for all components, obtained from some empirical
correlation depending on the components in the mixture.

For a binary system both component efficiencies are equal, but unfortunately this is not the
case in systems with more than two components. Diffusional interaction phenomena (for
example reverse diffusion or osmotic diffusion; have proven that mass transfer can occur
against a gradient or in absence of a gradient (Toor, 1964). If a component diffuses against its
gradient the component efficiency will be negative (since the direction of mass transfer is the
opposite of that what the equilibrium model would predict), and, if it diffuses without a
gradient, the components efficiency will be infinite (since the equilibrium model predicts no
mass transfer). Because diffusional interactions influence the fluxes differently for each
component, component efficiencies in mixtures with three or more components do not have
to be equal. In fact they can vary over a range from -co to +. This surprising result has been
confirmed by experiment (Krishna et al., 1977). For ideal and moderately ideal systems the
component efficiencies are only a weak function of the composition, in contrast to nonideal
systems where the opposite is true. Consequently, in the distillation of nonideal systems the
concentration transients could cause large component efficiency changes that might
significantly alter the simulation. Therefore, any good model must be based on diffusion
calculations that include diffusional interactions. However, dynamic simulators based on the
equilibrium model use Murphree efficiencies which are assumed constant and equal for all
components.

Efficiencies also depend on the type of operation, as they differ in distillation and absorption
operations for the same mixture at hand. Plate hydraulics (including weeping and
entrainment) influence the flows on a tray. Different vapor and liquid flows result into
various flow regimes of the two phases on the tray (such as spray, emulsion, or bubble flow)
which each have there own transfer properties (and thus, efficiencies). Thus, transients in the
tray hydraulics imply possible changes in the component efficiencies but with a constant
efficiency model such effects are totally neglected.

Another assumption of the equilibrium model, thermal equilibrium, forces the liquid and
vapor leaving a stage to have the same temperature. In reality, heat transfer between the two
phases is limited and the separate phases have their own temperatures. The assumption of
thermal equilibrium makes it difficult to model the dynamics of sections in a column that are
Purposely used for heat transfer, or column§ where feeds are normally subcooled or
Superheated (such as extractive distillation or strippers/absorbers).

To eliminate the problems discussed above We need to construct a new dynamic column
model which does not employ overall thennodynanﬁc and thermal equilibrium assumptions!
A nonequilibrium mode] was developed by Krishnamurthy and Taylor (1985a-d, 1986) (see,
also, Sivasubramanian et al., 1987; Powers ef al., 1988; Lao ef al., 1989, 1994; Taylor and
Krishna, 1993) for steady-state simulation of separation processes. The nonequilibrinm mode]
splits the stage material and energy balances into balances for each phase, adding rate
equations for the calculation of mass and energy interphase transfer rates. The mass transfer
rates are computed through matrix routines directly from fundamental diffusion equations
and mass transfer correlations. A second generation model was developed by Taylor et al.

e sess—————————————————————————————
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(1994) which incorporated the pressure as a variable. Taylor et al. (1992) have demonstrated
application of the nonequilibrium model to industrial column operations. Since the
nonequilibrium model avoids

The use of tray efficiencies and includes the column hydraulics (which are very important in
dynamic column simulation) it is suitable as a basis for developing a better dynamic column
model.

As very few unsteady-state column data is available, dynamic simulations of columns or
linked columns$ provide an ideal opportunity to study and analyze the dynamic behavior when
no other model is available. However, it also makes it difficult to validate the results of a
dynamic simulator other than by checking general trends.

Objectives

The purpose of this work has been to construct and implement dynamic equiliBrium and
nonequilibrium models into a dynamic column simulator. Requirements of the simulator
were: '

e Portable implementation

e Easily switch between Steady-State (SS) mode and Dynamic State (DS) mode
Contain an extensive collection of models for handling the dynamics of many
different kinds of trays

e Contain a variety of models for multicomponent diffusion coefficients, mass transfer
coefficients, thermodynamic properties, and physical properties. Accurate models for
these properties are needed in order to use the nonequilibrium model.

Numerically robust as well as efficient in terms of computer time and storage
Easy to use (interactive)

Flexible and extendible

Graphical output

The simulator was to be used to investigate influences of different holdup models, tray layout
parameters, mass transfer coefficient and diffusion models on open loop simulations.
Optional were the inclusion of controllers (closed loop simulations) and the operation outside
normal operation to study startup and shuttflown 9peratiops. Since dynamic experimental
measurements are virtually absent, no comparison with data is carried out.

e ———————————————
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Chapter 2 Steady-State Simulation of Nonequilibrium Columns

The steady-state nonequilibrium model and its equations are introduced. Extra specifications
required by the nonequilibrium model in comparison with the equilibrium model are

identified. A new design mode which enables the simultaneous design of the column layout
and column simulation is explained. This design mode enables the use of the nonequilibrium
model in flowsheet design calculations

The Nonequilibrium Model

A second generation nonequilibrium model was developed by Taylo i

described in detail by Taylor et al. (1994). It can be usegeto siymulz):te nggdcgzﬁﬁﬁfa? vﬁelli
as packed columns. Packed columns are simulated with stages representing a discrete
integration over the packed bed. The more stages are used the better the integration, and the
more accurate the results will be. A schematic diagram of a nonequilibrium stage is ;hown in
Figure 2.1. This stage may represent one (or more than one) tray in a trayed column or a
section of packing in a packed column. The vertical wavy line in the middle of the diagram
represents the interface between the two phases which may be vapor and liquid (distillation)
gas and liquid (absorption) or two liquids (extraction). ’

Figure 2.1 also serves to introduce the notation used in writing down the equations that model
the behavior of this nonequilibrium stage. The flow rates of vapor and liquid phases leaving
the j-th stage are denoted by Vj and Lj respectively. The mole fractions in these streams are
¥ij and x;j . The N;j; are the molar fluxes of species i on stage j. When multiplied by the area
available for interphase mass transfer we obtain the rates of interphase mass transfer. The
temperatures of the vapor and liquid phases are not assumed to be equal and we must allow
for heat transfer as well as mass transfer across the interface.

e —————————
Page 13

Modeling and Simulation of Crude Distillation Unit

T




Figure 2. 1: Schematic diagram of a nonequilibrium stage (Taylor and Krishna, 1993).

A
vV
]
vapor
side draw
l\‘\\
QVﬁ"'M
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i ;
; H
liquid
side draw
L ;Y

Figure 2.1: Schematic diagram of a nonequilibrium stage (Taylor and Krishna, 1993).

If Figure 2.1 represents a single tray then the term o;" is the fractional liquid entrainment
defined as the ratio of the moles of liquid entrained in the vapor phase in stage j to the moles
of downflowing liquid from stage j. Similarly, ;" is the ratio of vapor entrained in the liquid
leaving stage j (carried down to the tray below under the downcomer) to the interstage vapor

ow. For packed columns, this term represents axial dispersion. Weeping in tray columns

w
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may be accounted for with a similar term. The component (M)aterial balance equations for
each phase may be written as follows:

n
AL, = (L) + 00 )V~ Vigyijer - 1 Viciij—1 = [ - D .Gh + N,
v=1
= 0 1=1,2,....¢ (2.1)
n
L = L .
Mj = (1] +¢7)Lizmi; — LimaZijor = 5 Lig o gy — fE - > Gk, - Ny
v=1
=0 i=12...c (2.2

where Gy is the interlinked flow rate for component i from stage v to stage j, n is the number
of total stages (trays or sections of packing), rj is the sidestreams flowratio, and f j is the
component feed rate.

The last terms in Equations (2.1) and (2.2) are the mass transfer rates (in kmols/s). At the V/L
interface we have continuity of mass and, thus, the mass transfer rates in both phases must be
equal. Mass transfer from the “V” phase to the “L” phase is defined as positive,

The total material balances for the two phases are obtained by summing Equations (2.1) and
(2.2) over the component index i.

¢ n
M = (147 +6)Wj=Vin —¢]_ Vi1 = F) - >3 Gl + Ny

=1 v=1

= 0 (2.3)

c n
M = (L+rf+¢))L;—Li — 3 Lin - FF -3 GE, - Ny;

i=1 v=1
= 0 . (2.4)
F; denotes the total feed flow rate for stage 7, Fj = Y., fij.

Here total flow rates and mole fractions are used as independent variables and total as well as
component material balances are included in the set of independent model equations. In the
nonequilibrium model of Krishnamurthy and Taylor (1985) component flow rates were

treated as variables. .
The nonequilibrium model uses two sets of (R)ate equations for each stage:

]

Rg Nt.j..]\fi‘;::o i=1
1

,2...,0—‘1 . (2.5)
R = N;-NE=0 i=12

...sc—1 (2.6)

?

Where N j; is the mass transfer rate of component i on stage j. The mass transfer rate in each
Phase is computed from a diffusive and a convective contribution with

M
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Njj = Jiaj +yi Ny (2.7)

L _ L_ T
Ny = Jijaj +aiyhy 29

where a_i' is the total interfacial area for stage j and Ny is the total rate on stage j. The
diffusion fluxes J are given by (in matrix form):

JY) = EIGT =9 29
Jt) = K= - h) (2.10)

The matrices of mass transfer coefficients, [k], are calculated from
[kP] = [RF]'[TP) @.11)

Where ¥ is a matrix of thermodynamic factors for phase P. For systems where an activity
coefficient model is used for the phase equilibrium properties the thermodynamic factor
matrix (order c-1) is defined by

51117,-
I':j =6i; + x; (
J R W X

) (2.12)
T,P,zs, k#i=l...c—1

If an equation of state is used yi is replaced by ¢i. Expressions for the composition
derivatives of In yi are given by Taylor and Kooijman (1991). The rate matrix R (order c-1) is
a matrix of mass transfer resistances calculated from the following formulae:

[
Zi 2k _
RE = -5+ >, P (2.13)
ic p=1ksi ik
1 1
RE = —zi|=5-- (2.14
ij % (k,{; kiI:) )

where k;;¥ are binary pair mass transfer coefficients for phase P. Mass transfer coefficients, ki
are computed from empirical models (Taylor and Krishna, 1993) and multicomponent
diffusion coefficients evaluated from an interpolation formula (Kooijman and Taylor, 1991).
Equations (2.13) and (2.14) are suggested by the Maxwell-Stefan equations that describe
mass transfer in multicomponent systems (se¢ Taylor and Krishna, 1993). The matrix of
thermodynamic factors appears because the fundapiental driving force for mass transfer is the
chemical potential gradient and not the mole fraction or concentration gradient. This matrix is
calculated from an appropriate thermodynamic model.

The binary mass transfer coefficients are estimated from empirical correlations as functions
pf column internal type as well as design, operational parameters, and physical properties
Including the binary pair Maxwell-Stefan diffusion coefficients. Thus, the mass transfer
coefficient models form the basis of the nonequilibrium model and it is possible to change the

M
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behavior of a column by selecting a different mass transfer coefficient correlation. Table 2.1
gives a summary of the correlations per type of column internals which are currently
supported by our steady-state nonequilibrium model; they are described in detail by Taylor
and Krishna (1993).

Note that there are c-1 times c-1 binary pair Maxwell-Stefan diffusion coefficients, but only
c-1 times c-1 elements in the [R"] and [k*] matrices and, therefore, only c-1 rate equations per
phase. This is the result of the fact that diffusion calculations only yield relative transfer rates.
We will need an extra equation that will ”bootstrap” the mass transfer rates: the energy
balance for the interface. Note also that, in this model, the flux correction on the mass
transfer coefficients has been neglected.

The (E)nergy balance equations on stage j are written for each phase as follows:

EY = (1+r]+ Y WiHY — Vi Hjy ) — ¢V HY | - FYHYF _ ZGJ‘;H}{,
v=1
+QY +e¥ =0 (2.15)
n
L
Ef = (L+rf +¢))L;H] — LinHiy = éfnLinHjy, - FPHE -3 GLHL
v==]

+Qf - ef =0 (2.16)

The last term in the left-hand-side of Equatior}s (2.15) and (2.16), ej, represents the energy
transfer rates for the vapor and liquid phase which are defined by

(4
e/ = ahV@¥ -T")+ Y NiH; (2.17)
=1
-~ (7L
ef = ohP@ -TH)+) NjH; (2.18)

i=1

Where Hj; are the partial molar enthalpies of component i for stage j. The continuity of the
energy fluxes across the V/L interface which gives the interface energy balance:

i

E]=eY - el =0 (2-19)

Where HY and H" are the vapor and liquid heat transfer coefficients respectively, and ' T",
T', and T the vapor, interface, and liquid temperatures. For the calculation of the vapor heat
transfer coefficients the Chilton-Colburn analogy between mass and heat transfer is used:

le = A _5¢ (2.20)
DCpp Pr
B = kpC,Le?/? (2.21)
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For the calculation of the liquid heat transfer coefficients a penetration model is used:

I = kpCpv'Le (2.22)

Where k is the average mass transfer coefficient and D the average diffusion coefficient.

In the nonequilibrium model of Krishnamurthy and Taylor (1985) the pressure was taken to
' be specified on all stages, as is normally done in equilibrium model simulations. However,
| column pressure drop is a function of tray (or packing) type as well as the column design and
- column operating conditions, information that is required for or available during the solution
| of the nonequilibrium model equations. It was, therefore, quite straightforward to add a
I hydraulic equation to the set of independent equations for each stage and to make the
| pressure of each stage (tray or packed section) an unknown variable. The stage is assumed to
!

. 1 . ¥ ‘.’ = pl.‘ - .
be at mechanical equilibrium so, ?j i = Pj,

Phase (E)quilibrium is assumed to exist only at the interface with the mole fractions in both
phases related by:

Qtl] = ]\',-j;)!,.lj - y'.lj ={ 1=1,2,...,¢ (2.29)

Where Kj is the equilibrium ratio for component i on stage j. The Kj; are evaluated at the
(calculated) temperature, pressure, and mole fractions at the interface.

The mole fractions must (S) um to unity in each phase:

5y =Y pj-1=0 : (2.30)
i=1

St= ZI‘J' -1=0 (2.31)
|

as well as at the interface:
i=1

i=1 )
Table 2.3 lists the type and number of equations for the nonequilibrium model. The model
consists of 5c+6 equations and variables, where ¢ is the number of components. The
equations are solved simultaneously using inside out method (see appendix).

m_——_—_—________ﬂ
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Nonequilibrium and equilibrium models require many similar specifications. Feed flows and
their thermal condition must be specified for both models, as must the column configuration
(number of stages, feed and sidestream locations etc.). Additional specifications that are the
same for both simulation models include the specification of, for example, reflux ratios or
bottom product flow rates if the column is equipped with a condenser and/or a reboiler. The
specification of the pressure on each stage is necessary if the pressure drop is not computed;
if it is, only the top stage pressure needs be specified (the pressure of all other stages being
determined from the pressure drop equations that are part of the model described in the
appendix).

Table 2. 1: Nonequilibrium model equations type and number

Table 2.3: Nonequilibrium model equations type and number

Equation Number
Material balances 20+ 2
Energy balances 3
transfer Rate equations 2c -2
Summations equations 2
Hydraulic equation 1
interface eQuilibrium relations c
Total MERSHQ ac + 6

If we solve the nonequilibrium model with Newton’s method, we also require initial guesses
for all the variables. This is done with an initial guess routine normally used for equilibrium
stage simulation which uses a bottoms flowrate and reflux ratio specification and solves the
column using the idealWilson K-value model. Temperatures of the vapor, interface, and
liquid are then initialized as being equal to the temperature from this guess. Mass and energy
transfer rates are initialized as zero and the interface mole fractions are set equal to the bulk
mole fractions which are also provided by the initial guess. Pressure drops are initially

assumed to be zero.

A nonequilibrium simulation needs the following extra specifications (in comparison with an
equilibrium model): ,
® The column internals type and the layout
Mass transfer coefficient model
Flow model for both phases
Entrainment and weeping models
Pressure drop model
Physical properties models

e ——————————————————————————————————————
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Table 2. 2: Physical Property Needs of Equilibrium and Noncquilibrium Models

EQ NEQ

Property model model Used for
K values . Yes Yes Driving forces
Enthalpy Yes Yes E nergy balances
Activity coefficient Yes  Yes  Kwalues enthalpies
Fugacity coeflicients Yes Yes K values, enthalpies
Vapor pressure Yes Yes  Kvalues
Heat capacity Yes Yes E nthalpies, heat-transfer

coefficient

Mass-transfer coefficients Yes Mass-transfer rate equations
Heat-transfer coefficients Yes Energy-transfer rate equation
Density Yes Mass-transfer coefficients
Diffussion coefficients Yes Mass-transfer ooefficients
Viscosity Yes  Mass-transfer ocefficients
Surface tension Yes Mass-transfer coefficients
Thermal conductivity Yes Heat-transfer coefficients

For the estimation of transport properties the nonequilibrium model requires the evaluation of
many more physical properties (such as densities, viscosities, diffusivities, heat capacities,
thermal conductivities, surface tension) which the equilibrium model does not need.

In addition, a nonequilibrium simulation cannot proceed without some knowledge of the
column type and the internals layout in order to determine mass transfer coefficients,
interfacial area, and pressure drop. Tray type and mechanical layout data, for example, is
needed in order to calculate the mass transfer coefficients for each tray. For packed columns
the packing type, size and material must be known. Column layout is specified per section of
the column, where a section is represented by one or more trays (or packed bed). Standard
tray or packing.layout and data can be stor.ed on-.line in libraries to be easily accessible. For
designers this restriction resulted in first simulating the column with an equilibrium model,
rating the column and only then using a nonequlhbriur_n model. If the flows in the column
changed - due to different specifications or a change in the feeds - the column had to be
recalculated with the equilibrium model and re-rated. Therefore, the nonequilibrium model
could not be used in the design of flowsheets, where changes in the flows required a

continuous re-rating of the column.

The Design Mode

For each type of internal a specific design mode routine needs to be written that will
determine the column layout given a set of ﬂoyv rates and physical properties on the tray or in
the section of packing. However, similarities in tray- and packing-design allow combination
for similar types of internals. Liquid-liquid extractors require completely different design
methods, even if a similar internals layout is used as in distillation (this is due to the smaller
difference in the properties of the contacting phases). Since the layout must be adapted for
changes in both flow rates and properties the column layout is input as well (this facilitates
the user to make specifications that the design mode will not change as far is possible).

e ——————————————————
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The initial layout is determined after the flows are known from the initial guess. Each stage in
the column is designed separately and independently of adjacent stages. Then, after each
iteration (that is, an update of the flows) the same design routine is called for re-design. Since
the flowrates are also dependent on the layout (to a smaller degree. than the layout is
dependent on the flow rates) it is important that the design routine is only executed if the
flowrates have changed more than by a certain fraction (which can be specified). After
- convergence has been attained, the internals design is rationalized, making the design for
each stage in a column section the same. Then the simulation is restarted with the previously
converged answer as starting point. The design method provides a complete design of any
trayed or packed section in the column. In this manner trayed and packed sections can be
freely mixed in a column simulation/design.
Different design methods can be employed:

‘e Fraction of flooding; this is the standard design method for trays; we have employed a
modified version of the method published by Barnicki and Davis (1989).
* Pressure drop; this is the usual design method for packed columns, but is very useful
as well for tray design with pressure drop constraints.

The methods generate a column-design that might not be optimal from an engineer’s
viewpoint. They must be seen as starting points for the actual design layouts. Also, the design
does not include constructional calculations to determine tray support constructions or
thicknesses of trays or the column. Design mode is automatically triggered if the column
diameter is not specified. Other layout parameters can be specified but they may be changed
by the design routine. Each of these methods behaves differently and they are discussed in
more detail below. An additional and very important de-rating factor is the system factor
(SF). It represents the uncertaincy in design correlations with regard to phenomena which are
currently still not properly modelled, such as foaming.

e —————
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Table 2. 3: Tray layout data

Gerieral (sieve) tray layout data:

Column diamerer Active area

Number of flow passes | Tota! hole area

Tray spacing Downcomer ar2a

Liquid flow path length | Weir length .. .
Hole diamater Weir height :
Hole pitch Deck thickness

Downcomer clearance
Additional data for bubble caps:

Cap diameter Slot area

Slot height Riser area

Skirt clearance Annual area
Additional data for valves:

Closed Loss K Open Loss K
Eddy Loss C Ratio Valve Legs
Valve Density Valve Thickness

Fraction Heavy Valves | Heavy Valve Thickness

Tray layout parameters that specify a complete design (for the calculation of mass transfer
coefficients and pressure drops) are shown in Table 2.4. For packings only the column
diameter and bed height are design parameters, other parameters are fixed with the selection
of the type of packing (such as void fraction, nominal packing diameter, etc.). The packed
bed height must be specified since it determines the desired separation and the capacity.

M
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Chapter 3 Thermodynamic data and model

Reliable thermodynamic data are essential for the accurate design or analysis of distillation
colymns. Failure of equipment to perform at specified levels is often attributable, at least in
part, to the lack of such data. This subsection summarizes and presents examples of phase
equilibrium data currently available to the designer. The thermodynamic concepts used are
presented in the subsection

Phase equilibrium data

To determine the actual state of a mixture defined by its components and two intensive
variables (usually pressure and temperature), a unique set of conditions and equations
defining equilibrium is required. Consider a closed, multi-component and multi-phase system
whose phases are in thermal, mechanical, and mass transfer equilibrium. The general
conditions necessary for thermodynamic equilibrium between heterogeneous phases are
established (for all i):

T"=72=_=7T*  Thermal Equilibrium - no heat flux across phases

P! =p2=_=p"  Mechanical Equilibrium - no phase displacement

w!=p@=.=pf Mass Transfer Equilibrium - no mass transfer for
component i between phases

For mixtures containing more than two species, an additional degree of freedom is available
for each additional component. Thus, for a four component system, the equilibrium vapor and
liquid compositions are fixed only if the pressure, temperature, and mole fractions of two
components are set. The K values are widely used in multicomponent distillation calculations,
and the ratio of the K values of two species, called the relative volatility,

Ki = yi/xi

o = KI/K_]

When using equations of state to represent the vapour and liquid behaviour, you have:

5= enp
fH= 5P
e —————
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and therefore:

K, =

1

"o

-
-

Activity coefficient based models can easily be expressed in this format:
f,l' = 41‘:' xP = 'fixﬂd

and therefore:

L_'l’if{af
‘Pi“—_p—

So far, the equality of fugacities on the phases for each individual component has been used
as the criteria for phase equilibria. Although the equality of fugacities is a necessary criterion,
it is not sufficient to ensure that the system is at equilibrium. A necessary and sufficient
criterion for thermodynamic equilibrium is that the fugacities of the individual components
are the same and the Gibbs Free Energy of the system is at its minimum.

Mathematically:

=i

and Gsystem = minimum.

Thermodynamic Calculation Model

Peng-Robinson Equation of State: The Peng Robinson (1976) equation of state (EOS) is a
modification of the RK equation to better represent VLE calculations. The densities for the
liquid phase in the SRK did not accurately represent the experimental values due to a high
universal critical compressibility factor of 0.3333.

The PR is a modification of the RK equation of state which corresponds to a lower critical
compressibility of about 0.307 thus representing the VLE of natural gas systems accurately.

The PR equation is represented by:
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_p - RT _ a
F'—b WV+=b)+5(I"-b)

where:

~

R
a, = 045724— ¢
P

c

b= 0077430RT‘
) P

c

(15

The functional dependency of the “a” term is shown in the following relation.
o= 1+x(1 -T2
x = 037464 + 1.54220 - 0269920

The accuracy of the PR and SRK equations of state are approximately the same. However,
the PR EOS represents the density of the liquid phase more accurately due to the lower

critical compressibility factor.

These equations were originally developed for pure components. To apply the PR EOS to
mixtures, mixing rules are required for the “a” and “b” terms.

A quick reference of calculation methods is shown in the table below for the HysysPR EOS.

Table 3.1
Z Factor Vapour and Liquid COTH_HYSYS_ZFactor Class
Moiar Volume Vapour and Liquid COTH_HYSYS_Volume Class
Enthalpy Vapour and Liquid COTH_HYSYS_PREnthalpy Class
Entropy Vapour and Liquid COTH_HYSYS_Entropy Class
Isobaric heat Vapour and Liquid COTH_HYSYS_Cp Class
capacity
Fugacity coefficient | Vapour and Liquid COTH_HYSYS_| nFugacityCoeff Class
Calculation
Fugacity calculation | Vapour and Liquid COTH_HYSYS_L nFugacity Class
Isochoric heat VapourandLiqud | COTH_HYSYS_Cv Class
CaDa{:Ity

The compressibility factor, Z, is calculated as the root for the following equation;

=_———
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22— (1-B)Z2’+Z(4-3B"-2B)-(48-B*-B%) =0

The following relation calculates the fugacity coefficient.

lp, = —ln( V- b) + b_,_a (J’*‘b(l'*'f)( l+" J

V b 2.6 ‘\V+b(1-.I)
2
z=0na
a on
p = onb
on
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Chapter 4 Dynamic Model Development

Dynamic nonequilibrium models for tray columns are developed..A full model with four
holdup terms describing both froth and downcomer, as well as a two h'oldup model with only
froth holdup terms, are introduced. The nonequilibrium models will be conipared to
corresponding conventional equilibrium models which are also described in this chapter.
Finally, issues concerning the implementation and the integration of dynamic column models
are discussed.

Nonequilibrium Model Assumptions

A schematic diagram of a general tray in a column is provided in Figure 4.1. Of central
importance is the zone where vapor and liquid phases are brought into contact with each
other in order to promote mass and energy transfer between the phases. A tray can operate in
different flow regimes: spray, froth, emulsion, bubbling liquid, or foam. Here we will
generally refer to the dispersion on the tray as the froth, although we do not limit our model
to that regime. Above the froth is an area for vapor disengagement, to separate the phases to
let them move countercurrently in the column. Similarly we have a downcomer for liquid
disengagement. These disengagement areas are essential to the operation of a trayed column
and certainly play a role in its performance. What differentiates the dynamic model from the
steady-state model (as described by Taylor et al, 1994) is the use of holdup terms. For
steady-state simulation holdup calculations are not required, however, in the dynamic model
they represent the basic differential equations. For the general tray a number of distinct

holdups can be identified:

the liquid in the froth on a tray,

the vapor dispersed in the froth on a tray,

the liquid in the downcomer below a tray,

the vapor above the froth/downcomer on a tray.

e ———
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Figure 4. 1: Schematic diagram of a general tray

Figure 4.1; Schematic diagram of a general tray.

The froth is modelled by two (or more, if multiple liquid phases are present) separate
holdups. Figure 4.2 is a schematic diagram of thesp holdups ar_ld also shows the connecting
flows between the different holdups. The following assumptions have been made in our

dynamic nonequilibrium model:

* The trays are in mechanical equilibrium ‘

* Thermodynamic equilibrium is assumed only at the interface between vapor and
liquid phases on the tray. This is standard practice in the analysis of interphase mass
transfer processes.

e Mass transfer occurs only between vapor and liquid on the tray, dictated by the
transfer resistance in each phase o

® Condenser and reboiler operate at equilibrium.

The dynamic model developed here uses all four holdups terms and avoids simplifications
often made in other dynamic models such as constant holdups, neglecting energy
derivatives, neglecting vapor

w
S
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Figure 4. 2: Schematic diagram of the holdups and connecting flows.
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holdups, and constant (tray/component) efficiencies. To reduce the number of model
equations the holdup terms for the vapor -al?ove ?he froth and in the downcomer can be
lumped into the froth holdups or ignored (if it 1s desired to do so).

Nonequilibrium Model Equations

Component molar holdup terms are denoted with Uiij where P indicates the holdup phase
type (V or L), w the place in the model (f for froth, d for downcomer, and a for above the
froth), i the component, and j the plate number. Similarly, total molar holdups are denoted

with Uljp“’ and energy holdups with E;

m
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Vapor and liquid holdup compositions are computed from

Vi
JVu

yij = (—:57 (4.1)
)
UL

e

1 ;'I - (‘..IL' w (42)
iy

The interstage liquid and vapor flows on plate j are denoted with L] and V;" where w
indicates the holdup from which the flows ongmate (£, d, or a). Component molar feed flows
are denoted similarly to molar holdups as F.J . The mass transfer rates through the interface
are positive from vapor to liquid and denoted by I\

For a general stage (one not at the top or bottom of the column) the component molar
balances over the four different holdups are:

Vi

a v »
- = VB -l S~ N (43)
av;;’ , L f it N
d‘tj = 1] l‘L’ Fij IJL,) Arij 4.9
Va
d[:i'q - J{,‘»f + P'l a y:.x]‘/.'a (4'5)
t 1
TLd
T o Sl R e “.6)

The component molar holdups must sum to the total molar holdups:

0D = Z v - oyt @7

0 = }_j el (4.8)

0 = U - Uy @9)
i=1

0 = Z Uk - (4.10)

The energy balances for each holdup are:

7 “'j
dEV! EVa pvagvt B ypr iy gvi

. - i -+ 4.11
T = g ) R - g , @
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Where O is the energy transport to/from the interface (see below). H.,F P¥ is the partial molar
enthalpy of component i in the feed to the spe01ﬁed holdup and QJ is the heat input into the
specified holdup. The energy h holdups E are related to the component molar holdups and
the component enthalpies (H;™") by

0 = Z(ui‘jfo,.‘;f) EY/ (4.15)
0 Zw“u“ - B} (4.16)

! 0 = Z':(u‘“o‘") EY" 4.17)

i i--1

0 Z(H aprkdy _ bt (4.18)

Enthalples are functions of the holdup temperature, T , pressure, pj, and holdup molar
compositions.The energy fluxes from the vapor to the interface and from the interface to the

liquid on plate are:

’ vy VI el
e;f - ZN‘ IH‘ Iy ALPWY AEI by 1.19)
Ly - LIgL! _p oy - TH 420
¢/ = EIN H;;" —h;"a;( T;’) (4.20)

Where T;' is the temperature of the interface on plate j. The energy balance over the interface
equates these energy fluxes:

=eVl et @4.21)
0= b/ - ¢t

: " If _If must .
The interface compositions x;j and y;;  sum to unity,

0 = 3 ui-1 @22)
i1

Z el -1 4.23)
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and obey the equilibrium relations (i = 1........ c) as well:
0= K7l (4.24)

The mass transfer rates Nj; from the vapor to the interface are equal to the mass transfer rates
from the interface to the liquid. They are computed with the following rate equations:

O = () - Ny} l) - p}fnj[n}'f]-‘[1‘}"’]((y;"f) (w1 (4.25)
0 = () = Nty sl 1T () - ) (4.26)

Where Ny is the total mass transfer rate on plate j which equals to the sum of all the
component mass transfer rates Nj;. c* and ¢! are the molar concentrations of the vapor and
liquid phase of the froth. Note that only c-1 fluxes, with ¢ being the number of components,
are independent and we will obtain 2(c-1) rate equations. Also note that the rate equations are
in matrix/vector form. The rate matrix I is defined by (2.13, 2.14) and the thermodynamic
factor matrix by (2.12).

The pressure, pj, is computed from the tray pressure drop and the pressure of the tray above.
The

pressure at the top of the column is specified (Pspec):

0 = MM - Papre (4'27)
0 = p;j - pj-1 —Apj-1 (4.28)

The interholdup flow rates are determined through calculation of the total molar holdups. The
total molar holdups can be computed from the.helght of the froth, h fj, the clear liquid height,
h“'j, the tray spacing, h®;, and the liquid height in the downcomer, hd,-, of plate j:

0 = (o -hae Uy | (4.29)
0 = nralg!-ug (4.30)
0 = {(h*~h])A;+(2h7 - h)Af}ef - UY" @4.31)
0 = hidfetd U (4.32)

The liquid heights are computed by empirical correlati.ons or theoretical relations (see
AﬂJendix A). Note that each total holdup must be a function of the relevant flow rate (e.g.,
U™; should be a function of, LY, etc.) to prevent higher index systems (more on this topic
below). Since this is not the case for (4.31) we can replace it with

— v/ ' 4.33
0=v/ - vy (4.33)
To use a constant molar vapor holdup above the froth (usually the change in Uvatj is small).

This assumption maintains the index of the system at one (instead of two) but violates the
physical constraint of a fixed volume between the trays. For the correct dynamic simulation it
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is important that the liquid height correlations behave correctly besides being accurate (which
is not required for steady-state simulation).

Alternatively, instead of computing the total holdups from liquid heights, which are
computed from empirical correlations, the liquid and vapor flows could be computed directly
from empirical or theoretical relations. Models describing the holdup or flow need to be
accurate and have the correct behavior. Since the number of models which describe liquid
heights and froth densities is much larger in comparison to models describing the flows,
holdups are being calculated.

The variables and equations, as well as their number, type, and association, are summarized
in Tables 4.1. The association is non-trivial as it determines the index of the resulting system
of equations. Each variable must be represented (either directly or indirectly) in its associated
equation to prevent the generation of a higher index DAE system. That is why the flow
variables are matched up with the calculation of the molar holdups from the liquid heights (or
directly from the calculation of the flows if that alternative is chosen). That is also why the
mass transfer rates are somewhat strangely paired with the equilibrium (4.24), mass transfer
rate (4.25, 4.26), and interface composition summation (4.22, 4.23) equations (together with
the interface compositions).

The total number of equations is 7c+18 per general stage where ¢ represents the number of
components in the system. Out of these, 4c+4 equations are ordinary differential equations
while the rest are algebraic equations. The feed flows, heat inputs, top and condenser
pressures and product streams are functions of time. If they are constants we are solving a
steady-state

(SS) process, where all differential terms are set to zero. If they change over time we switch
to dynamic simulation (DS) where we solve tt!e resulting Differential-Algebraic system of
equations until steadystate is reached (or 1_mt11 the variable changes are less then some
specified small fraction). Of course, only during a steady-state simulation can we activate the
design-mode which simultaneously corrects the column design to handle the process flows at
hand. The resulting design can then be directly used for the dynamic simulation.

A simplification of this full tray model results from ignoring the vapor above the froth and
the liquid in the downcomer. Equations 4.5, 4:6, 49, 4.10, 4.13, 4.14, 4.17, 4.18, 4.31, 4.32
are omitted from this model which has v.anzi\bles. The neglected downcomer and vapor
holdup could be optionally lumped into the liquid and vapor holdup equations (4.29, 4.30).

As mentioned before, the simplified mode!l can (optionally) lump the downcomer liquid
and/or vapor above the froth with the liquid or vapor froth holdup, respectively. Also, all
holdups can be calculated at steady-state and kept constant during the dynamic simulation.

However, lumping holdups, Or keeping them constant, are not good representations of the real

behavior of trays.

Reboiler and Condenser

Distillation columns also have various types of condensers and feboilers that usually have a
significantly larger holdup than the holdup on any tray to give t.he column operational
stability. It is these larger holdups that lead to differences in the transient behavior of various

W
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variables and, therefore, have a large effect on the column behavior. They also cause the
system of equations to be very stiff.

Table 4. 1: Variables and equations for the full dynamic mode!

Variable(s) Equation(s) Number | Differential
z,.f{;{’, u}‘ UEe Ukl @3), (3.4).(4.5), (4.6) de +
EVI EE pVe, El | (4.11), (4.12), (4.13), (4.14)

EL 4 +
. J « "y ' -
sr o v vk | an.es.ao @0 | -
};,.f , L;i Vi LY (4.29), (4.30), (4.31), (4.32) 4 -
T}" ,T].La ) 11 “ TJM (4.15), (4.16), (4.17), (4.18) 4 -
'[;j (4.21) 1 -

N, (4.25). (4.26) ¢ -

xfj (4.26). (4.23), (4.29) c -

y!j' (4.24), (4.22) ¢ -

p (4.27), (4.28) 1 -

J

The reboiler is modelled as a liquid holdup in the bottom of the column followed by a partial
(equilibrium) reboiler. The holdup component molar balances (c) are:

-L .
éf;T"" = ;. L% — zip Ly 4.39)

Where the liquid mole fraction is computed by:

Iyp =

Ui (4.35)
Uss

and the tray above the reboiler is tray n. The total holdup is computed by summing the
component holdups:

0= U§-Us 4.36)
i=’
Assuming a constant molar holdup we write the total molar balance (for dynamic state):

We could also assume a more realistic constant volqmetric holdup for the reboiler. At steady-
State this equation is replaced by a direct specification of the molar (or possibly volumetric)

holdup in the reboiler:

W
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0= "!‘;’) - (/'I%..spefzr (438)

The energy holdup and energy relation are:

. AN N
dEy - B a .‘.L.’.’.Lb (4.39)
w T T :

\
|
|
\ Equilibrium models
l

The nonequilibrium models developed above will be compared with the corresponding
results from two equilibrium models which use specified tray efficiency, (assumed constant
over the integration interval). The first model (EQL) neglects the vapor holdup and only the
liquid holdup in the froth is included. This holdup can be computed by (4.30) or held constant
(computed at steady-state or user specified). The set of equations for this model are:

dU. ij
dt

voit1Vier + mij oLy o+ Fy — 5V — oL (4.62)

Table 4. 2: Variables and equations for the EQL model

Variable(s) | Equation(s) | Number | Differential
| U, (4.62) e +
Uy (4.63) 1 _
| E; (4.65) 1 +
Yi j (4.67) cC -
V; (4.68) - 1 —
L; (4.64) 1 -
‘; T; (4.66) 1 -
| P; (4.69) 1 -
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0 = Z Uij — Uy (4.63)
i1

oS L .
0 = mlAldd (4.64)
Lo ¢ R B
. ; 7 = (2yﬂ.}""ll’li,j«}l)“j'*'l + (#)LJ 1 +ZII’II }"-.'; —f'(\,)_}
! ) i1
—(Z?IUH,-‘J')‘;‘ - (Z:;-)L;‘ (4.65)
i=1 : :
—_ Lyr
0 = Y H:Uy - E; (4.66)
=1
| 0 = &&ijmij —yi; + (1 — &§)Yije (4.67)
| <
\
| 0 = Y mi—1 (4.68)
| i=1
0 = pj—pj1—-AP;, (4.69)

| : ,

. Where we have c+1 differential equations. The tray pressures are computed with the tray
|| pressure drops (the pressure of the tray at the top of the column specified). Table 4.4 lists the

|

|

2¢+6 equations and variables.
If the vapor holdup is not neglected we ob?ain the following set of equations (model EQLV):

: Lt — Vit Vipr +ZijaLyo1 + Ej —yiV; - xi5L; (4.70)
? 0 = }: U - U (4.11)
‘ i=1 :

0 = Y Ui-Uj (4.72)
i=1
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) = (b —nhAlT (4.73)
0 = hAedS ok (4.74)
dEY  dit LY EL L
Lo —L = (S (L Y M EG G
dt at ((,;1‘.j+1) s ({';-'I:J 1) J. » +; aat e
N i
—-(7‘—-)‘] - (F)L" (4.75)
J )
: —_ - Vil 5 -
0 = Y HLUY - EY (4.76)
i=1
C
L
0 = ) HGU; - Ej (4.77)
=1
N = &GKiymy—pi+ (1= &)piin (4.78)
D = pj—pj.1—-APj (1.79)

(4.80)

with c+1 differential equations and a total of .2c+8 equations and variables. Again, neglected
holdups could be lumped in as discussed previously.

Physical Property Models

So far only mathematical equations of the dynamic model have been discussed. However, the
successful implementation of a column solver .requires more than “just solving” the
equations. A large and important part ofa process 81mula.tor are t!le pl})(sical property models
which supply the K-values, activity coefficients, binary diffusivities, densities, heat
capacities, enthalpies, vapor pressures, v1scosnin?s, .thermal conductivities, §urface tensions,
and binary mass transfer coefficients. A nonequilibrium model has a much higher demand for
properties compared to an equilibrium model (Tz}qur et a.l., 1994). Prf)perty models also

ted with dynamic simulation. Often, different correlations

impose a problem specially associa ! |
are used over different state variable ranges. When a switch between different correlations

occurs due to a change in a state variable (such as temperamr?, pressure, or composition) it
causes a discontinuity in the simulation. For the sake of consistency, properties need to be

continuous and differentiable at ) .
or around any switching points. Depending on the solver used, proper handling of these

discontinuities may require the physical property model/correle.ltion switchgs to be signaled in
this is not (yet) done in the present implementation of the models

some way. However, s . .
described above. Rather, discontinuities of this kind are avoided as much as possible by using

a single correlation for the whole integration. This has implications for the manner in which
the model equations can be integrated.

e e ———
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Chapter 5 Simulation Result of Petroleum Mixture Distillation

This chapter contains simulation results of crude distillation unit which is developed with the
help of Aspen Hysys software. UNIFAC and Antoine correlations were used to model the
liquid thermodynamics and the Peng-Robinson equation of state for the vapor, including the
excess enthalpies.

Although the principles of multicomponent distillation apply to petroleum, synthetic crude
oil, and other complex mixtures, this subject warrants special consideration for the following
reasons:

1. Such feedstocks are of exceedingly complex composition, consisting of, in the case of
petroleum, many different types of hydrocarbons and perhaps of inorganic and other
organic compounds. The number of carbon atoms in the components may range from
1 to more than 50, so that the compounds may exhibit atmospheric-pressure boiling
points from —162°C (—259°F) to more than 538°C (1000°F). In a given boiling range,
the number of different compounds that exhibit only small differences in volatility
multiplies rapidly with increasing boiling point. For example, 16 of the 18 octane
isomers boil within a range of only 12°C (22°F).

2. Products from the distillation of complex mixtures are in themselves complex
mixtures. The character and yields of these products vary widely, depending upon the
source of the feedstock. Even crude oils from the same locality may exhibit marked
variations .

3. The scale of petroleum-distillation operations is generally large, and as discussed in
detail by Nelson (Petroleum Refinery Engineering, 4th ed., McGraw-Hill, New York,
1958) and Watkins (Petroleum Refinery Distillation, 2d ed., Gulf, Houston, 1979),
such operations are common in several petroleum refinery processes including
atmospheric distillation of crude oil, vacuum distillation of bottoms residuum
obtained from atmospheric distillation, main fractionation of gaseous effluent from
catalytic cracking of various petroleum fractions, and main fractionation of effluent
from thermal coking of various petroleum fractions. These distillation operations are
conducted in large pieces of equipment that can consume large quantities of energy.
Therefore, optimization of design and operation is very important and frequently leads
to a relatively complex equipment configuration.

Characterization of the Crude in Hypo-components

Due to the variety of molecules that compose petroleum, it is necessary to characterize it as a
mixture of a limited number of pseudo-components; they are similar to the different fractions

of crude and they have physical properties t.ha} represent an average of the properties of
various components. In order to convert a distillation curve TBP into a series of pseudo-

et —————————
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components, it is necessary to define a component that has a lower boiling temperature than
the initial boiling point of the curve and a higher boiling temperature than the final boiling
point. Afterwards, this region is divided in equal areas with horizontal lines, according to the
number of pseudo-components that want to be produced; the percentage of the weight of each
pseudo-component is established by tracing vertical lines to the boiling point of each in a way
that the areas that make up the vertical line with the temperature of the superior and the
inferior pseudo-component are equal.

In general, TBP distillations are conducted in columns with 15 to 100 theoretical stages at
reflux ratios of 5 or greater. Thus, the new ASTM D 2892 test method, which involves a
column with 14 to 17 theoretical stages and a reflux ratio of 5, essentially meets the minimum
requirements. Distillate may be collected at a constant or a variable rate. Operation may be at
101.3-kPa (760-torr) pressure or at a vacuum at the top of the column as low as 0.067 kPa
(0.5 torr) for high-boiling fractions, with 1.3 kPa (10 torr) being common. Results from
vacuum operation are extrapolated to 101.3 kPa (760 torr) by the vapor-pressure correlation
| of Maxwell and Bonner [Ind. Eng. Chem., 49, 1187 (1957)], which is given in great detail in
|

|

the API Technical Data Book—Petroleum Refining (op. cit.) and in the ASTM D 2892 test
. method. It includes a correction for the nature of the sample (paraffin, olefin, naphthene, and
. aromatic content) in terms of the UOP characterization factor, UOP-K, as given by

DOPK = (T)!A
SG

\

i Where TB is the mean average boiling point in dcgrec?s Rankine, which is the arithmetic
. average of the molal average boiling point and the cubic volumetric average boiling point.
' Values of UOP-K for n-hexane, 1-hexene, cyclohexene, and benzene are 12.82, 12.49, 10.99,
and 9.73, respectively. Thus, paraffins with their lower values of specific gravity tend to have
high values, and aromatics tend to have low values of UOP-K.

" The assay contains all the petroleum laboratory data, boiling point curves, light ends,
1 property curves and bulk properties. Aspen HYSYS uses the supplied assay data to generate
" internal TBP, molecular weight, density and viscosity curves.
|
|
|

| The cut/blend characterization in Aspen HYSYS splits the internal working curves for one or
; more assay into hypo-components. The blend tab of the oil characterization view provides
two functions, cutting oil into hypo-components and blending two or more assays into one set

- of hypo-components.
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: Table 5. 1: Crude assay
|
RN _ Casa Name: C:\Progmm smﬁyp'wiochmvsvs 3.1.3\Samples\dyncruded.hse
| 2 ] TEAMLND — -
3 €l  caway. Aberta " Unit Set: Fleld-USGPM
T LirceverLs imasvaTIes CANADA " - S
a DatéTime: . SunMay0302:57:562009 . ' -
| 5 — " :
| 7] Assay: Assay-1
=1 e A
S INPUT DATA
10
1_1_

Data Type: TBP

12
13]_Assay Basis: Liquid Volume | TBP Distilation Gondisons: Atmospheric
% Light Ends Status : Input Composition
16]_Porcentags of Light Ends in Assay: 1| Ends Basis: Volume %
17 Light Ends Composition Table
18 — — ———r —
ol Eﬂdﬂ'ﬁ’ - . R BIROE: P ,._\.
20 L e e Mothane |
| 1 . Ethano
i =] ..Propace_ |
! 24 . o-Butano
g =
| 26 Bulk Properties: Used
‘ 27
. - 9 T tute 2] 1000 *
28 Weight - Viscosity! Temporatus
29] Mass Donsity () R yﬂ" A%_ o
——— — | Viscosiy2 Temperature 2100°
' 30] Woatson Uopk

Input Data Status
- oot Used Densly: _Nol Used | :NotUsed
| Moloculas Woight : I
WORKING CURVES

AGEEEHAEHOAAMEHARRAN S!&!SI% 8|8|8|3!8l8! HEARS
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Table 5. 2: working curves

Caso Nama: C:\Progiam FMWthSYS 3.1 NSamples\dyncsude3.hac

TEAMLND — —
CH Calgary. Alborta Unit Set: FlolhUSGPM |
Lieecrars iwnevaties  CANADA

DalefMime:  SunMoy 00287562009 -

Assay: Assay-1 (continued)

WORKING CURVES
Cun.Moles | . N8P - ol mwT el pind

. 8.1
818 )

LR RN RRERREREREEEEEF I~ I~ 1-
I ; o J o ; I Bl

88388%21383285{9888&]3[6#&@38[8'8"4‘2'8.&283
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Table 5. 3: component properties

CosoName:  CxProgram FlestHyproletiHYSYS 3.1.31Samplesidyncruded.hso

1
H TEAMLND . . s
| HYPROTECH  cosonvers Untsk  rasusoRM
-4-' LIPEEYELE tunovaATion CANADA - me: s.,,,w'yogmqﬁz"zdag ) < .
) Dﬂi@:"_ & L e e TS
o -
7] Blend: Blend-1
9 | DATA
10
1) Oil Flow Information
12 — - —
. s . OR. N 7 Flowlnlis pudn R Ll Of Flow Rate o
14 Assay-1 Liquid Vot bt
15 Cut Ranges: User Points
16
7 Number of Cuts: 30 -
18] Bulk Data
19
20] Molecutas Weight: — | MasoDenslty: —_| Watson Uopk: -
21] Viscosity 1 Temp: _ 100.00F *| Viscosity 1: = | Viscosiy2 Temp: 21000F - 2 =
22 CORRELATIONS
23
24 Default Set
25
26 - LTI 0
| m Lsa_Kosles Lee Kesler Loo_Kesler Lee_Kesler
| » TABLES
1 2
I8 31 Component Properties: Blend-1
I
1 2 Density
; £<] wn3)
; 21 41,03
‘ 31 . an
‘ 36 4459
i 371 4543
{i 3] 4633
.‘ 139 480
) 40 4156
; 41 83
3 42] 49.02
iy 43 49.71
i 44 §0.39
45 ) 51.06
46 51.73
a7 5240
48 5301
£ 63.69
S0 54.16
51 54.72
52 55.26
53 8.9 N T
i 5] 56.31 11.284 2.3236
; 5 s8.82 L1881 28532
5 6| s12 | 35358
i &7 _sre | 44445
; 50 5855 | .84545 |
i =18 g051 297
| 60 N 21929
; 61} 81.51 $2.097
62 N ¢ A
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Table 5. 4: component properties

TEAMLND
Calgary, Alberta
CANADA

Caso Nama: C:AProgram Fles\HyprolechiHYSYS 3,1.3Semples\yncrude3.hec
Unit Set: Field-USGPM
DatefTima; . Sun May 03 04;11:122009 .

Blend: Bleqd-1 (continued)

TABLES
Component Properties: Blend-1
Comp Name NBP Mol W, - - : —
14 () ms“), mﬂy(cp) \m’m‘d;"
L S . NBP_1085 108544 ..557%0 . 6238 s Ty
16 NBP_1153 1152.70 612.86 o S e

Page 43




S

f
I
i
i
!

Table 5. 5: component break down

CoseNamo:  GAProgram FlesiHypioléchHYSYS 3.1:3\Semples\dyncrudod.hac

TEAMLND
Calgary. Albert Unit Set: Fleld-USGPM~ - .
PROTECH  conor. sbero e

_OdtefMine:  SunMay 0304:11:122009°

Blend: Blend-1 (coritinued)_

TABLES

Component Breakdown: Blend-1
Uiquid Vol % LiqVel % Cum

_..20188
13 S
LSy

SRR RERREREEEERERElFII-[=]=I~]-

SIBIR NI IR ]R
: ! '

<

AEANREARE

»
=

EREERREERERE

BREREREEERRER]E
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Table S. 6: molar composition

TEAMLND
ROTECH  conor. abeda
Lisececrt rmnovation CANADA

Case Name::

CAProgram Fies\Hyp

hHYSYS 3.1.3\8

jo3.hse

Unit Set; " Fleld-USGPM' -

DatelTima: . un May 03 04:11:12 2009

. Blend: Blend-1 (continued) -

TABLES

Molar Compositions

0.0203

Oil Properties: Blend-1

P
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Table 5. 7: oil properties

aa Case Name: C\Pregram Files\Hyprolech HYSYS 3.1.2'Samples\dyncrude3.hsc
i TEAMLND ,
3 ] Y ROTECH g:rmlg:r;:\lbenn Unit Sel: Field-USGPM
CirrEvErs twnayaTioN
Date/Time: Sun May 03 04:11:12 2009

Blend: Blend-1 (continued)

TABLES

Oil Properties: Blend-1

Percent Crilical Temp Crilical Pressure Accentric Factor
(F (psia)

seso [ wnr | a0sss [ T
6] 8800 S .. I 5% I, -
kEd B 99.00 SR . - E— o2 | 14018
18 100.00 14342 100.79 14115
19} Percent Density Viscosity 1
20 (ibM3) (cP)
2 oo | e | 6.1706e-003
2] 100 | o | 0.13571
2 2.00 0589 | 0.23781
24} 350 . waee | 028201
5] 500 44343 | 0.30346
26| 750
Eal 10,00
28| 1250
[29] 15.00
0] 17.50
131] . 2000
32 25.00
33 30,00
el 3500
35
36
37}
38]
139
140 B}
1] N—
42
43
4]
145
461
47)
= 63406 i detSer00s | smgo |
501 . i s | 2.6012e+005 614.72 SRR )
51
152 0il BP Temperatures: Blend-1 Bastsquid Volume
2 D86 Crack Reduced D1160 Vac. D160 ATM S
5] Percent ® ® ® ®
— se2e2 | 12520 ~ sos07 T
e 200 10874 | 0173 w4 | oo
) e 121.95 _ 88.247 58265 | 34240
= i " iaess 1088 | TSt sioa | 23098
- 220 15809 a0 | 523 ws77 | aams
— 22 19000, 19000 | 21501 w2 | aom
51] 150 T e 21952 5.4867 107.26
= i " nenoisEude

Licensed fo: TEAM LND

w
—_._________________—————-‘——_'_'_———__-_—__-_-_P"w
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Table 5. 8: oil BP temperature

CosoNamo:  CProgram Files\HyprolechHYSYS 3.1.3\Samplesiyncrude3.fiso

. TEAMLND —— —
Calgary, Albert nit Sat; Fleld-USGPM
PROTECH oo

DolofTime:  Sun May 03 04:11:12 2009

. Blend: Blend-1 (continued)

TABLES

Oil BP Temperatures: Blend-1

'a ;:.': alw clulm mlulwlul..

Percent D88 Crack Reduced D1160 Vac, DH60AT™
14 () (3]
1250 31822 21543
.. 1500 _ 249.77
e J150 om0 |
1. 31299
362
43763

—_ SN.7s
- 820.73

740.79

112358

Ol User Properties: Blend-1

:888‘88&&2’2B.‘d28&!8383?33§|8|5|&|:l8|&‘-

42 - T
] .
4] - .
5] .

] e -

48

40] i I — e
50| e

o
52 .

53

5‘ e
55

2 I . -

87 el e s
). T o

2 I

(:31 1 o -

24 57 (TR H]
83 * Specified by user.

Licensed to: TEAM LND
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Figure 5. 1: TBP curve

Distillation - Blend-1

1200+
E S ~ |-+ TBP-Blend-1
1000 L
: soo.of .
T g
S 000
g
3 1000
£ 3
(1] E
~ ]
100.0
]
0000
Yo A — Frryr , rirrer v ey v
10000 10.00 20.00 730.00 '40.00 50.00 60.00 70.00- 80.00 90.00 1004 » s
| 4 ' Liquid.Volume Percent = =~ " ST
| et Sl . -
|
| Table 5. 9: Oil distribustion table
| Oil distribustion table-HYSYS
' Name Begin T [F] End T[F] Fraction
|
| Off Gas 42.30155119 49.99998901 | 1.15E-02
Lt St Run 49.99998901 157.999989 7.32E-02
Naphtha 157.999989 ‘ 355.999989 | 0.149917137
Kerosene 355.999989 464.0000439 9.49E-02
Light Diesel 464.0000439 554.0000439 | 0.102819001
Heavy Diesel 554.0000439 644.0000439 8.89E-02
Atm Gas Oil 644.0000439 698.0000439 4.56E-02
Residue 698.0000439 1187.622578 | 0.433166452
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Atmospheric Crude Colum (ADU)

Atmospheric Crude Columns are one of the most important pieces of equipment in the petroleum
refining industry. Typically located after the Desalter and the Crude Furnace, the Atmospheric
Tower serves to distil the crude oil into several different cuts. These include naphtha, kerosene,
light diesel, heavy diesel, and AGO.

The column of atmospheric distillation is the unit where the most part of the crude fractioning
is produced. The model is composed of a column with 29 theoretical trays, with a partial
condenser and without a reboiler. It has 3 side columns of 3 theoretical trays each, which are
of kerosene with a reboiler, Diesel and AGO without a condenser or reboiler. The column
includes 3 pumparounds in charge of recirculating the liquid between trays 2 and 1, 17 and
16, 22 and 21. At tray 28, there is a trim heater that allows a temperature variation at the flash
zone. The crude is fed to the main column at tray 28, while at tray 29 steams is fed. The
products of the main column are: the condenser off-gas, naptha, and tl}e bottoms (TOPPED);
from trays 9, 17 and 22 come out three streams .that feed tray 1 of the side columns: they have
as bottom products the streams of Kerosene, Diesel and Atmospheric Gas Oil (AGO). These
side columns give in return to the main column, the n}ost.volatil‘e components of the
separation to trays 8, 16 and 21 respectively. For the separation in the side columns, these are

fed with steam at tray number 3.

Operation variables: flow, temperature, and feeding pressure of :c,team to the main column
(STEAM); flow, temperature and feeding pressure of steam to side column 1 (STEAM-1);
flow, temperature and feeding pressure of steam to side column 2 (STEAM-2); flow,
temperature and feeding pressure of steam to side column 3 (STEAM-3); rate of reflux.

Model variables: flow of vapour from the condenser.

All the process flow diagram and simulated results are shown below
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Figure 5. 2: PFD of ADU
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Sun May 03 14:54:16 2009 Case: C:Program FiesiyprotechiYSYS 3.1.3Samplesiiyncrude3 hsc Flowshest T-100 (COL1)
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Table 5. 10: connection of ADU

TEAMLND
Calgary, Albeita
CANADA

Case Name:

~ CitProgam Files\Hyp

HYSYS 3.1.91

Unit8at:. . Flold-USGPM

‘i

L SemMay03 1480572009 -

o cOlumn Sub-Flowsheet: Tle,'(')i(_)f'@Main

FEFEEP LR

CONNECTIONS

L% tnietSweam’ ;

19

R REERREERER]
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Table 5. 11: Specs of ADU

Caso Name: CAProgtam Files\HyprotechtHYSYS 3.1.3\Samp}

dynciude3.hsc

TEAMLND —
Y mcu Calgary. Albeita Unit Set: . Fleld-USGPM
tiveevess smnovarion  CANADA - -

Date/Time:, ' *  Sun May 03 14:58:57 2000

- ,COlumn Sub-Flowsheet T-100 @Mam (contmued)

Column Sﬁlﬁealim Pulamm

Iglele~|o|]=]-]"]-

Diese!_SS Prod Flow

-
>

Stresm: .Diesel | Flow Basis: Volume | I

- =
w |

AGO_SS Prod Flow

-
3

15| Fixed/Ronged: - Fixed | Primary/Anemate: Lower Boust: — | Uppor Bound:
16] Stream: : AGO | FlowBasis: Volume | "

17 PA_1_Rate(Pa)

19] Fiod/Ronged: Fixod | Primary/Mhemote:  Primary | Lower Bousid: = Bound:

20| _Spec Type: FlowRate | Pumporound: __PA3 | FlowBasis: ) - Vohane:

e

£ 3
ke

silplslstREEREREBREEREREERR

ERER: HEOHAHEEEES
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Table 5. 12: profile of ADU

vaLs smeovarion

Case Name; C:\Program Flles\HyprotechHYSYS 313\$a.mp!os\fiymud03.hsc

TEAMLND

Calgory, Alberta
CANADA

CUntSel - FiId-USGEM R

DatefTime: SunMoy031458572000 . ... ' .

. Colurn -Sub-Flowsheet: T-100 @Main (continued) - -

SUBCOOCLING

Dogroes o Subcooting

— 0.0000 *

User Varlables

PROFILES

J-100 (COLT) Numbovds_gm' 2
~_Profile Estimatas, . ..

2_AGO SS

I e deels A N

\__?—Wm




Table 5. 13: operation summary of ADU

CasaNamo:  CAProgram FlesiHyprotechHYSYS 3.1 3\Semplesidynciuded hao

TEAMLND , : .
YPROTECH coisar. Aveta UnitSet. - - FiRUSGPM. L, :
Lirrevers cumevavion  CANADA . — ;.‘ XK s : “.‘ S o]

[DalelTimer" . . Suni Moy 03 14:58:57 2009 A

~ Column Sub-Flowsheet T-100 @Mam (contmued)

Ovenoll Efficlency NBP{0]1124°
. 1000
1000,

1000

R EERREREEREREEEEREe I~ [-I-]-
[ ! ' : N !

10000 | Accelerate K Value & H Model Patameters: on

Equitibrium Ervor Tolerance: —
WWTM 5.0000-004
| Savo Sotutions o it Estinate: ___ -
| Super el Handling Wodeh _ S
Trace Level to

Init from Ideat Ks:
mssmwsemmmamem

| horatho G (Good for Chemicas)_

2| IR
E
]

| perers
| Sges | U (Emolet) — Guty |
i — 3° 9 Main TS 718.¢ 7.5000+008
1 oy 3" 17_Main TS : 135 -
il AGO _SS 3 Z M o
SIDE RECTIFIERS
PUMP AROUNDS

HHAHE0HE08E8
HEHEE885 fw“a slalafeBefe]e e 2]

: . . Page 54




Table 5. 14: rating of ADU

CiPrgram Fles\HypratechtHYSYS 3.1.31Samples\dyncruded hae

1

2 ] TEAMLND -

B TEGH ooy aboro iaatestoi]

.1. LiegevaLs naqrarion CANADA y S e

5 SunMay 031456572009,

6 . .

7] Column Sub-Flowsheet: T-100 @Main (continued)
8l ‘ . SRR : N A L
ol T _. Pump Around Sumimary . . ..

-:-':- Draw Stago Retum Stago

12 1_ Diasel SS 16_Main TS

1) VAP BYPASSES

Tray Sections

3937

0.1640

5517

1.640
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Table 5. 15: properties atm feed of ADU

TEAM LND
YPROTEGH  Caoon. o
L1ecavars twnovavion  CANADA

Casa Name: * CAPiogiam Files\HyprotechiHYSYS 3.1,3\5amples\dyncrude3.hsc

Unit Set: © Fiek-USGPM

Date/Time: " SunMay 0314:58:57 2009

Column Sub-Flowsheet: T,-1QQ_ @Mam (continued)

J18_Moin TS
. A7 _MainTS
. 18_Mala TS
(19 _MainTS

T FREEEEFEERPEREE EEEEEEEEEEEEEEERE FEREREEERERRE R EE B EE Bl e[~ -]
" . L ” I

Page 56

Pressuns: 231 ) 1837 0.0000
Motas Flow ) 72550+008 5.5430+005 7.2060+005 00000
e P (USGEM | 2016 1403 1513 — 2200
Std kdeal Lig T 150ar005 -8.857+004 237804005 -1.2780+008
Mota sa10 s218 a7 s108
| Mass Enthialpy 1625 1079 __ 2909 1629
Molas b F) 0.7899 0.8238 0.7617 0.7898
Mass 746504008 -2.970+008 448704008 20000
M;._—————M‘ 29560003 2.7660-003 0.1174 0.1649
oty (0 osiet e s e
Mass P 5015 59.35 545
Sidideal UqMass Oensty (7). zm 5071 58.58 54.70
M;mw_w_ﬁs‘_‘ﬁ;‘"ﬁ-—-w— ey 8091 2643 151.7
ko oot Capocty _ (Buaomote ) | 05618 08228 0.6921 07356
e e | e " m—
Therma) ———"| __ 1.1550-002 03041 04323
Vincosiy _ B - 1281 5741
face Tonsion Jgﬁ&‘“_l—r-——;—m;' — 1209 3819 2082

jecutar Woight I — 1 0% 2.2850-002 1,6200-002
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Table 5. 16: properties of stream of ADU

CasoName: . GAProgiam FilesiypiclochiHYSYS 3.1.3Sampleskdyncridod.fisc
) TEAMLND — - e
ROTECH cooy. Aberta UnitSel: - ' Fiold-USGPM
LiIseEveLs /unevarion CANADA . - .
DatefTime:, - SunMay 031456572000

 Column Sub-Flowsheet: T-100 @Ma
. Propertles ;. Maln Steam T

in (continued) |
QOvorall Vapout Phaze !&&Pﬁﬂu T wl’m -

Vapour/Phase Fraction 1.0000 1.0000 0.0000 0.0000
[ Tempersture: ) 3750 3180 3750 3750
13] Pressure: (psia) 31.01 31.01 31.01 31.01
14] Molar Flow 4163 4163 0.0000 0.0000
15] Mass Flow 7500 7500 0.0000 0.0000
16] Std ideal Lig Vol Flow 15.01 1501 0.0000 0.0000
[17] Motar Enthatpy " (Btibmole) 1.0126+005 -1.0120+005 -1.470e+005 -1.1700+005
18] Mass Enthatpy (Btvib) 56819 5819 -84953 5493
19] Molar Entropy _(Btuibmole-F) 4357 8357 4357 4357
20 |_Mass Entropy (Btuib-F) 2418 2418 2418 2418
21] HestFlow @iwh) 4.214e+007 421404007 00000 02,0000
22| Motos Density bmole/3) 3.4970-003 34976003 2000 295
‘ 23] Mass Denstty _@my) | 6.3000-002 6.300e-002 5383 53.90
24] 5td kdes! LigMass Density __ (vh3) 6230 620 8230 8230
%5 Mass Densil d Cond 63.33 63.33 6.33 53.33
e —Iﬂ—‘—wzﬂ
27
28

5103

@

2 Ao

34

35
: 38
| % m 1685 1685 0.0000 9.0000
i ] oes Flow 00 0 e o000
i ol St tdeal Liq Vol Flow 8.003 8.003 0.0000 00000
. W=y 1.0180+005 -1.0190+008 +1.1650+008 -1.1859+005
I o] ooty ol 10— > =
! 2 MesEntaty U 250 4280 4250 42380
| e 2w 2ame 2310 2378
! R -1.6960+007 0.0000 0.0000
| ] bt Fow_ e | someon | asseaes s 158
! E.M_____M— - 550002 | 6.8550-002 5843 58.48
! 47] MassDeoslly @230 62.30 _ &30 62.30
| 4 gww_ﬂm—w——m— ) ax ¥ )
| 29] LiqMass v 8348 19, 19.65
| 50 w_@‘“—”%— Py 04534 1.091 1.091
| 51] MassHoot Capacity (BBl T 59002 1668002 0393 03968
| JM&&&EE__ﬂ@%%- ryer 1.3990.002 0.1825 0.1825
J P — — 491 4391
' Tension {n11) 502 18.02 18.02 18.02

RERBERERRRIZIE

!!z!!==g!gg!=5z=g5==5===g=!!=!=====5=============$;;??
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Table 5. 17: properties of stream of ADU

_l_ Case Name: C:\Program Files\Hyprotech'HYSYS 3.1.3\Samples\dyncrude3.hsc
2 TEAMLND
13 ] @ROTECH Calgary, Alberta Unit Set: Field-USGPM
a Rirrevmes sunBvariot . CANADA
15| DatefTime: Sun May 03 14:58:57 2009
15
[7] Column Sub-Flowsheet: T-100 @Main (continued)
8
o Properties : AGO Steam
10 Overall Vapour Phase Liquid Phase Aqueous Phase
11| Mass Flow {Ib/hr) : 2500 2500 0.0000 0.0000
12| Std Ideal Liq Vol Flow (USGPM) 5.003 5.003 0.0000 0.0000
73| Molar Enthalpy (Btuibmole) -1.0190+005 -1.0196+005 -1.18564005 -1.1850+005
12| Mass Enthalpy (Bwlb) 5654 5654 o577 g
45| Molar Entropy (Btu/lbmole-F) 42.79 42.79 42.79 4279
16| Mass Entropy (Buib-F) 2.375 2.375 2375 2315
17| Heat Flow (Btu/hr) -1.413e+007 -1.413e+007 0.0000 0.0000
s Densit (Ibmole/ft3) 3.833-003 3.833¢-003 3.135 3.135
= : (b/3) 6.905¢-002 6.9056-002 56.48 56.48
20| Stid Ideal Liq Mass Density (Ib/3) 62.30 62.30 62.30 a0
21| Liq Mass Density @Std Cond __ (IbM3) 63.33 6333 63.33 e
22| Molar Heat Capacity _ (Btulbmole-F) 8349 8.349 19.65 1965
23] Mass Heat Capacity (Btu/Ib-F) 0.4835 0.4635 1.091 1.001
24| Thermal Conductivity (Btu/he-ft-F) 1.669¢-002 1.669¢-002 0.3968 03968
25| Viscosity (cP) 1.399¢-002 1.399¢-002 0.1825 0.1825
26| Surface Tension __(dyne/cm) = = 48.91 48.01
27 M lar Weight 18.02 18.02 18.02 18.02
0.9869 0.9859 1.207e-003 1.2076-003
28| ZFactor
s Properties : Naphtha '
20 Overall Vapour Phase Liquid Phase Aqueous Phase
g Fract 0.0000 0.0000 1.0000 0.0000
Vapou/Phas 114.0 114.0 1140 114.0
32| Temperature: (F)
i 19.70 19.70 19.70 19.70
33| Pressure: (psia)
oy omola/ht) 2759 0.0000 2759 0.0000
Molas Flow —(bmerens 2.464e+005 0.0000 2.4640+005 0.0000
35] Mass Flow (bhr)
s SG 671.0 0.0000 670.9 0.0000
38| std Ideal Lig Vol Flow (USGPM)
= Enthal (Blwibmale) -8.3660+004 -5.354e+004 -8.365e+004 -1.220e+005 !
-0369 -980.4 -936.7 6773
28] Mass Enthalpy (Blu/lb)
= (Btubmole-F) 31.32 47.40 31.32 31.32
39] Molas Entropy B F) 03507 0.8679 0.3507 1.738
40| MassEntropy A T 2.3080+008 0.0000 -2.3080+008 0.0000
A1) Hoal DBML__—M"" '_ﬂ 0.4993 3.2066-003 0.4993 3437
je) 4459 0.1800 4459 6191
= % (b/h3)
"':ﬂ Density (IbM3) 45.78 3754 45.78 62.30
44| Sid ideal Liq Mass Defs
. - S Cond __(b3) 46.35 38555 46.35 63.33
[ lrHomCapacity _(Buibmoe) | uzr 221 U2 1058
46| Molar Hoat Capac ) 0.4958 0.4250 04958 1.031
47] Mass HGRML._—Q-T— 6.587. 1.0286-002 6.587e-002 0.3688
Btu/hr- 5876-002
48| Thermal Conductivity 2= -_—_0_3528 8.008e-003 0.3528 0.5880
49| Viscosity I - 3 S ey 18.00 68.52
18.00 = -
: SN
50| Surtace Tension (dynolem) | 9,30 5461 89.30 18.02
51| Molecutar Weight 07600 | 0.9708 6.407e-003 9.309-004
52| ZFactor ———"" properties : Residue
53 Overall Vi Phase Liguid Phase Aqueous Phase
= s | 00000 0000 0.0000 1.0000 0.0000
55| Vapour/Phase Fraction = 667.1 667.1 667.1 667.1
2 P L1 S8
56] Temperatue: Y 20.97 3097 30.87 3097
| 3087
57| Pressure: o | 1504 0.0000 1584 0.0000
olehn) | 1590 |
58| Molar Flow 5.9810+005 0.0000 6.981e+005 0.0000
59| Mass Flow @} 3 e | 0.0000 1445 0.0000
1 L ¥
60| Std Ideal Lig Vol Flow _(H.SEM—-——-—————'_"E o .0.948e+004 -2.5640+005 -9.948e+004
#1] Molar Enthalpy (Blbmole) e 1385 -585.5 1385
e 5855 |l 30 e —
62] Mass Entholpy (= TIYSYs va.1.3 (Build 4827) s ‘ _Page 140729 |
3} Ltd. oS . * Specified by user,

Licensed to: TEAM LND
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Table 5. 18: properties of stream of ADU

[ 1] Caze Name: CAProgram Files\Hyptotech\HYSYS J.1.31Sampids\dyncruded.hec

2 | TEAMLND . ;

3| HYPROTECH  Caor.abosa UtSei _ Pelsuscry

4 ] teesevese ranevarion  CANADA DaterTime:  SunMiay 03 14:56:57 2009

- : .

&

7] Column Sub-Flowsheet T-100 @Main (contmued)

: ' . .. Properties : Residwe - . - .0 . . .

m Overat | Vapour Phase ""’:‘22 Liguid Phase__ | _ Aquoous Phazs

3522 3522 3522

11} Molar Entropy (

12| Mass Entr L_ 05063 4505 9.8043 4208

Tgmﬂ— ) 4.0385+008 0.0000 -4.0880+008 0.0000

1] MoiarDorsly  (bmolof) 0.1023 TS ol L5900 003

m - “um 0.1860 4.7 0.1850

o] Mass 6024 ST 6024 5.1

Lo Std kool Liq Mass e Coodd 6017 53.35 0.7 58.35

17] LiqMass Density @5t Cond (). —r=y 3120 4390 3120 4390

2 Molar Hoot 0.1125 08115 0.7125 6115

19] 6.6230-002 0.1439

20 0.2821 2.6216-003

g 1292 3724

23

24 B

5] Liquid Phass

26 1.0000

27} VapouriPhase Fraction __ 4598 4598 4598

25| Temporatwe: ) 200 3000 200

29) Pressuse: 718.1 0.0000 7181

30] Motar Flow T 730m4005 00000 1.1400+005

31 Mossiow (b0 The 00000 2112

32| s9ussaltiqVoiFlow __ (USCPM 1.1630+005 -9277¢+004 ~1.1830+008 1.163e+005

[33] Molas Y 619.1 1329 TR9

3] Wassnmatpy G Y 5297 CE 5207

35| Motar Extropy _ (Brofoemole ) e 05637 0.5228 05228

6| MossEoropy (ERIST 2.3520+007 0.0000 -8.3620+007 0.0000

37] Heat Flow ot 02568 3.2960-003 0.2568 02573

o] MotwrDensty (wole®D o7 04939 4073 2083

| MossDonsty P 5239 519 5239 8239

provey e —__——__-_-—_ .

40| St bdosl Lig Mass Devsty (B2 e | 5218 2 5262

4

42

43

44

45

46}

47}

43

29[

50

51 W . 48s: .

52| Tomporstwe: S +—""q45 | 3015 3018

sol I oo T o000
-_.—-—-———-"—-'——7

54 M 246054005 | 0.0000 246004005 0.0000

5 M________,.&M— — 22 0.0000 5622 0.0000
———-———-—-_.‘- - -

38 M 55301005 -1,0400+005 1.5530+005 1.1450+005
-_—————-—-- - -,

7| Mol Bty ool 1 | 1 hes s

- 204 | 1304 1304 1304
—_———-’--_-_——-

so MolarEntopy_ ratomole ) 0000 Lo s 121

o] mossEmropy (@R o o 0000 178404008 0000

[81] Hoat Flow — ewm L 30780000 0.1987 2221

T : * Spexified by user.
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Table 5. 19: properties of stream of ADU

[ 1] Case Name? CAProgram FiiesiHyprolechHYSYS 3.1.3\Samples\dyncrudodise - -
=4 TEAMLND - - — 4
3| E@R@T ECH  coigor. Atberta Unit Sot: Flek-USGPM : e
4 Liecereve cumovarion CANADA . ! . o . . s
a DatofTime: |- Sun May 03 14:58:57 2009. PR PPy
] Column Sub-Flowsheet: T-100 @Main (continued)

: . RN - Properties : Diesed: .- - . o T
0 Vapour Phase Aqueous Phase

o ey 0.2330 40.01
12} m3) 5468 6230
131 UqMaza Densty @51 Cond__ (o) S £33
14| Molar Heat Capacity _(BtulbmoleF) 4135 2420
15 : B F) 05442 1.343
6] T 3 Conductivi (Bruhe-aF) 1.777¢-002 0.3545
[17] cP) 1.3530-002 0.1061 _
18, {(dynoleen) = 2561
19 ozﬁ 18.02
20 ————

2l - Propertes T AGD T
2 Ovorall Vopour Phase Aquoous Phase
23] 00000 £.0000 00000
24 () 588.8 §68.8 568.8
25 (psia) 3056 3059 30.58
% (bmolohr) 224 2.0000 00000
27 6.00204004 _0.0000 | 6.0020+004 0.0000
28 (USGPM) 1313 0.0000 1313 0.0000
ry _(Btuitenole) -1.8510+005 -1.0560+005 -1.951e+005 ~1.1230+005
30 -£579 -2017 -£57.9 8238
31) MotorEatiopy _ (BtwibmoloF) 3045 3045 3045 3045
32| Mass Entiopy _(BIIbF) 1.027 5.814 1.027 16.50
33| Heat Flow (Bu) 2.9480+007 90000 | -3.9486+007 | 0.0000

i 34{ Molar Density __(bmoleR3) 0.1471 2.8200-003 0.1471 1873
35| Mass Density 4361 0.1477 4361 BIS

iRkl RBEERIER]R

I~

5

(Buu) 812 0804 9387 -

: e — TN dost 4554 2% v
? E-F) 05596 08598 0.3239 2

: —E—:% 3.5160+005 -39130+005 0.0000 qo;‘:

1 m —-——Mm Bolend) 22960003 32960009 04993 3437

i 56 Msss Dons @) 0.1800 0.1800 45 5191

‘ 60] St idoat Liq Mass Denalty 3764 3764 %78 re

Page 60
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Table 5. 20: properties of stream of ADU

11 Case Name: C:i\Program Files!HyprolechiHYSYS 3.1.2\Samples\dyncrude3.hsc
12| TEAM LND ;
13 @ROTECH Calgary, Alberta Unit Set: Field-USGFM
4 tirecrais sesavavios  CANADA
T Date/Time: Sun May 03 14:58:57 2009
16
7 | Column Sub-Flowsheet: T-100 @Main (continued)
8
9 Propertlies : Off Gas
10 Overall Vapour Phase Liquid Phase Aqueous Phase
11| Mass Heat Capacity (Buib-F) 0.4250 0.4250 0.4958 1.031
12| Thermal Conductivity (Btwhr--F) 1.028e-002 1.028¢-002 6.5878-002 0.3688
13} Viscosity (cP) 8.007e-003 8.0070-003 0.3528 05830
14] Surface Tension (dyneicm) = = 18.00 68.52
15] Molecular Weight 54.61 54.61 89.30 18.02
16| Z Factor 0.9708 0.9708 6.407e-003 9.309e-004
17 Properties : Waste Water
18 Overall Vapour Phase Liquid Phase Aqueous Phase
19] VapouriPhase Fraction 0.0000 0.0000 0.0000 1.0000
20| Temperatura: ()] 1140 114.0 114.0 114.0
21| Pressure: (psia) 19.70 19.70 19.70 19.70
2| Molar Flow {Ibmole/hr) 698.9 0.0000 0.0000 Py
Mass Flow (Ibhr) 1.2590+004 0.0000 0.0000 1.259e+004
24| Stdideal Lig Vol Flovs {USGPM) 25.19 0.0000 0.0000 2519
25| Molar Enthalpy (Btwibmole) -1.2200+005 -5.3540+004 -8.365¢+004 -1.220e+005
26| Mass Enthalpy (Btu/ib) 5773 -980.4 -936.7 6773
27| Molar Entropy (Blubmole-F) 14.69 14.69 14.69 1469 |
28| Mass Entropy (Bluib-F) 0.8154 0.2690 0.1645 0.8154
29| Heat Flow (Btuhr) _8.527e+007 0.0000 0.0000 852764007 | |
30| Molar Density ___(ibmoleini3) 3.437 3.2960-003 0.4993 3.437
31| Mass Density (Ibm3) 61.91 0.1500 44.59 6181 | ]
32| Std Ideal Liq Mass Density (Ib/f13) 62.30 37.64 45.78 62.30 —
33| LiqMass Densily @Std Cond___(ibi13) 6333 3855 4635 g3 | |
34| Molar Heat Capacity (Btu/ibmole-F) 18.58 2321 44.27 18.58 T
35| Mass Heat Capacily (Bruib-F) 1.031 0.4250 0.4953 1.031
35| Thermal Conductivity (Btwhr-it-F) 0.3688 1.028-002 6.587e-002 0.3688
37| Viscosity (cP) 0.5880 8.008¢-003 0.2528 0.5880
38| Surface Tension (dyne/cm) 6852 = 18.00 68.52
35| Moteculor Weight 18.02 5461 89.30 18.02
40| Z Factor 9.309¢-004 0.9708 6.407e-003 9.309e-004
[41] SUMMARY &
42
43
44 34
45 o
46 - T —
47
48 : e -
491
m -
51
52
53} e &
54 __ NBP[]]
55 __NBP[U] s
P NBP{Ol111 0.0427 - : 00 i 0.0000
T 00416 00000 00000 | 00000 )
58 NEP[o)ITe" _ 0.0438 , 0.0000 _ 00000 0.0000
59 _NEP[OOZ" 0.0451 0.0000 D000, . 0.0000
w|  neeppio- | 0.0437 B N .. ooaco | ogooo
51 _NBP[O27Z i 0.0418 00000 0.0000 0.0000
2| neejpos 00391 0002 200 0,000
&3] Hyprotech Ltd. _ ; il B . _HYSYSv31.3 (Build 4827} ; ] Page 170755
Licensed to: TEAM LND * Specified by yser =

%
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Table 5. 21: feed composition of ADU

Case Name: C:\Program Files\Hyprolech HYSYS 3.1.3\Samples\dyncrude3.hac
TEAMLND
Ei;norscu Canay Aber ser__ rsusonn
LIrEEYELE iumavaTion CAMADA
Date/Time: Sun May 03 14:58:57 2009

Column Sub-Flowsheet: T-100 @Main (continued)

sERI =T [o]=]=]-]-

SUMMARY

: Atm Feed Main Steam Diesel Steam AGO Steam
12 NEP{Op36~ 00362 .. 0.0000 00000, .. . 00000
13 NBP[0p68° _0.0000 90000 0.0000
14 NBP[UM400> 0.0000 000 0.0000
16) | NBP[M64" | 00000 00000 | 0.0000
17} NBPfojget | 00393 00000 0.0000  0.0000 ) )
18 __NBP[O]528° b 00000
19 BP{O]560°. . 0.0000
20
21
Al
23
24
25
=

t&ﬁﬁs&ﬁéﬂ‘ﬂ&&ftﬁﬁﬂ&g&?

AEESEEAEEEEHEEEREEAEE

et mneng | mess | oo | oo 0000 - -
“Hyprotechbtd. DAY S S 4515 (Buiky 4527) AR ey ___Page 180f29
Licensed to: TEAM LND %

m
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Table 5. 22: product composition of ADU

Case Name: C:\Program Files'Hyprotech'HYSYS 3.1.3\Samples\dyncrude3.hsc

TEAMLND

HMYPROTECH cooor. Abeta Unit Set: FaUsePM

e 1PUETELE tunaTaTION CANADA

Date/Time: Sun May 03 14:58:57 2009

Column Sub-Flowsheet: T-100 @Main (continued)

3 Cd glu:\ oul--l-n .:-I:. l‘.,-lnl..

SUMMARY

- Atm Feed __Main Steatn __Diessl Steam _ AGO Steam
12| NBP[Ojese* (bmolehe) | 1325358 0.0000 ... 0.0000 0.0000 _
13| NBP(0}68a* enolerhr) 1193544 0.0000 I __0.0000
1a] NBP{Dj720" (bmolety) | 107.1919 LR 200 . L
15| NBPI75Z: Gbmolefn) | ©5.1681 _booso 10,0000 0.0000
15]" NEP{0]784% (lbmole/t) - 0000, ] 2000 00000
17 hm' : * (Ibmolemn) | 0.0000 _ 00000 . O.ﬁ- T )
18] Neppojsss (bmolete) | 0.0000 0.0000 00000
15| NBe{oAT (bmotstny | Ak ernrne D000 00000
[20] erpo100 gomelote) | 00000 00000
21| NBP{O]1062 (bmolefhin) g% oo00 i
2] Nep(0)1 126" @orolarhy 0.0000 00000
23
24| Flow Basis: =
= R Product Com|
2% Off Gas _ Naphiha

MMM_ R L _ 2.758398eH

AHEAEAEHEAEEEAEEERE

eEC o 1 opoo0 00000 __ 0.0000 0.1181 0.0000
el HYSYS 31,3 (Build 4627) SRR Page 18 5175
Licensed to: TEAM L " Speciied by user.

m
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Table 5. 23: product composition of ADU

+ Case Name: C:\Program Files\HyprolechiHYSYS 3.1.2\Samples'dynciude3.hsc

lal | TEAMLND

5] @ROTECH Calgary. Alberta Unit Set: Fiold-USGPM

4] LIrreveLE iwmavation CANADA

: Date/Time: Sun May 03 14:58:57 2009

L5

7] Column Sub-Flowsheet: T-100 @Main (continued)

8

9 | SUMMARY

10

= Off Gas Naphtha. Waste Waler Residua Kerosene

5% NEPD]106Z_ 0.0000 0.0000 0.0000 0.1614 0.0000

2 D B4 00000 0.0000 00000 01586 0.0000

14 PERAR Ll Diesel AGO :

15 1.135494e+03 . .202.4290

16]. Caal S e

17 0.0000 00000 )

Bl 0.0000 0.0000

19 0.0000 0.0000 i

s 0.0000 0.0000

21| 0.0000 0.0000 - i

2] 0.0062 00077 NS, i

23] 0.0000 0.0000 )

24 0.0000 0.0000 ] i

25 0.0000 0.0000 )

26]. _ 0.0001 .00 7

27} 00001 0.0000

23 0.0003 0.0000 ) -

= 0.0006 0.0000

) 0.0013 0.0000

3 0.0027 0.0000

o 0.0051 00001 )

) 0.0093 0.0002 3

27 0.0170 00005

5 00354 i 0.0013 ) N ;

= 0.0887

It 0.1748

a 0.1759

= 0.1504

B 01239

11 s _

2 ...0.0648

h 00109 B

ol 0.0017

ol ~ 0.0002 "

a7) . 0.0000

28] _0.0000 .

49) 00000

50l 96000 s

51) £.0000

= 0.0000

53

54

sl Off Gas

:3 7.3282 ] 2353@?’"@ ‘ 6988582 1584396002 718,0960 .
3744 08192 ' ! ) e

55: 2.2537 28102 e g.ﬁ :MI N -

0] 13070 47.7343 * 0.0000 o i .
: ) 3 0.0000 0.0088 0.0000 .

ol 03778 a2.1524 X 0.0000 00093 0.0000 .

2] 0.9737 11-‘;-;(‘3_8 — 1‘3 0.0000 00381 00001 .

2 ' 3 (Build 4827) R __Page 0o 29

* Specified by user

%
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Table 5. 24: product flow of ADU

|1 Case Name: Ci\Program Files'\Hyprolech HYSYS 3.1.2\Samples\dyncrude3.hsc

12 ] TEAM LND .

13] w RO"‘ECH Calgary. Alberta Unit Set: Field-USGPM

. {istavess wmuseities  GAl

? Date/Time: Sun Moy 03 14:58:57 2009

6

7] Column Sub-Flowsheet: T-100 @Main (continued)

8

2 SUMMARY

10

" Off Gas Naphtha Wasla Water Kerosene

12| H20 (bmolahr) 05211 33 6388562 0.0000 "
13 ; 1.2071 220.8109 < 0.0000 0.0010 .
14] | NBP[OJ79* (Ibmole/hr) 09367 2674707 * 0.0000 ) o__nd;u .
15| NBP[0}111- bmolerhy) | 05539 263.7163 i 00000 0.0092 -
1] NEPIOt44" (moloi) | 03024 A 0.0000 ___boss :
17| NBP{Oj176* (bmolaitr) | 0.1757 2722966 0.0000 0.0372 .
18] NEPOj08* (omolehy) | 00972 280.3578 2 0.0000 03685 .
19] NBPOR40" (bmolerb) | 00491 ansee  C <D 12797 :
|20 NBPU272* (bric | 00235 2562162 ° ..0.0000. 39615 -
21| NBPOJ04" bmolehr) | 00104 287481 | 00000 10.7080 -
22| NBP[36" (bmolels) |  0.0039 180.7228  ° __0.0000 0955 .
23| NBP{0}368" (Ibmolerhr) _ 0.0006 544279 " 0.0000 " 141.4605 .
4] NBHO400" tbmoleh) | 00000 e 20000 e
25| NBP[O14%3" Bmoler) | 0.0000 ooss _ ° f.0000 78014 -
26| NEP(OMG4* (bmolsty) | 00000 0008 ...00000 _1msgen -
27| NEP[0}496* ibmole/hr) _ 0.0000 og000 | __0.0000 30,462 -
28| NBP[O]528" (bmolerhi) | 0.0000 _0.0000 2L 0.0000 -
29| NBP(0]560" (bmolerhs) 0.0000 0.0000 .
30| NSP[oeZ Bmole) | 00000 o .
31| NBPfOj624* (bmolems) | 00000 _ooo0  ° :
32| NePojess”(bmolet) | 0.0000 00000, i -
| NEPIGESE o) | 00000 oo | -
35 . .
3 - .
37 ; .
38 .
29 - .
okl : :
1] ~ - . -
|£ . A =
roy i - y AR Dadi

44 e el i ZE ! .Y
a5] - L i

ol - 2 R TR

471 = S RS

8] 7 — - T U

49| X -

50| ¢ - — 5

51] -

520 = - —

53 - =

54] : i

=i 00005 * i

ol 00012 o

- 0.0028 .

&0 L0 e, i

o 00152 *

o 0.0370 E

& HYSYS v3.1.3 (Build 4827) Page 21 of 29
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Table 5. 25: product recoveries of ADU

Modeling and Simulation of Crude Distillation Unit

i — Case Name; Ci\Program Files\Hyprotech\HYSYS 3.1.3\Samples\dyncrude3.hsc
13 ] Calgary. Alberta Unit Set: Field-USGPM
4 ircevals cumovatios  CANADA
a Dale/Time: Sun May 03 14:58:57 2009
5
a Column Sub-Flowsheet: T-100 @Main (continued)
8
9
m SUMMARY
11 IR PR | - Diesel
193232 -
402348 :
100.6787 =l
1984789 | N
16] NEP[O528° (Ibmolot) | 2009207 | )
1406510 | B
170700 |
735300 234158
400858 t)
1aee | )
1.9266 3
: 01725 b
; 00023 |
26} 00000 | T =
7] 00000 ¢} epes | e
% o0 - ) N S
2] 0.0000 4 N o
20 0.0000 . -
31 Tar 'Vblal’ s -
oy TR . Product Recoveries: M
33 Alnda Oft Gas Naphtha Waste Watar ¢
34| Flow Rate (fbmole/r) | _7.3082 __2.7588980+03 _698.8582
35 7 e (R - o HEE -
) 21.1318 46.2430 0.0000
7 ' 6.5263 72.4541 00000
gy I 24340 888046 00000
= 1.1148 0.0000
40} 08103
4| 00722
2| T
43
= i
45
46
47
48
49
s0f
51 )
52|
"
= .
s5)
=5 o
57| 4 _ 80
s8) e 11.7420 0.0279
saf 23000, 16.7205 0.0009
50} 0.0000 233433 0.0000
o1j e SO 0.0000 00000
a2} ol 00000 — 0.0000
&3l UM ,,HYSYSV3.1.3MM) P TR, A v Pm
* Specified by yser,
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Table 5. 26: product recoveries of ADU

@ROTECH

IrEEYE LT immBavaTios

Ci\Program Files\HyprotechHYSYS 3.1.3\Samples\dyncrude3 hsc

Field-USGPM

Case Name:
TEAM LND
Calgary. Alberta Unit Sel:
CANADA

Date/Time:

Sun May 03 14:58:57 2009

Column Sub-Flowsheet: T-100 @Main (continued)

FEEREEREEEFERET

Iy

Licensed tor TEAM LND

Modeling and Simulation of Crude Distillation Unit

SUMMARY
P oG MNaphiha Wasta Waler T T
NBPIOJT20% (%) | 0.0000 0000 0.0000 e o
e ooxe0 R . ot
" NBP{OTRA” ). ) 00000 00000 e oo
e i 90000 1069107 00000
NEPIDSSS {f) | 00009 0000 123561 0.0000
'a o000 0.0000 .
1 0.0000 ) B 0:0000 . sy
20 0.0000 0.0000 e
24 Diesel .
== 1.135494¢+03 -
23 o 55
24 Py T
25 Gbaan B
= 0.0001 .
27 0.0006 : .
28 00009 i 1
29 09727
= 00025
31 0.0047
321 00100
] 0.0222
35 0.1094 . . -
£ 02578
37 05863
39) 2.5820 -
) 49764
Al L N —
a2} 181153 - ——t B
Bl e 0908 =
e __B1.0578 o " -y
45 905303 i )
] 873168 -
4 809774 ¥ SR
48] g ID___?IA{I E i
49 55.4794 i
50 335940
51) 11.5458 S .
52 20245
< 0.2003
541 00016 = N :
55 0.0000
e i 00000 )
58] NBP[O]1062" (%) 0.0000
5o]  NEP[OI24%(%) 0.0000
150
61
52| Reflux Ratio: 0.7194 Reb"u. Raﬂo
63 | r =y .
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Table 5. 27: column profiles of ADU

Case Name: C:AProgram Files\Hyprotech'HYSYS 3.1.3\Samples\dyncrude3.hsc

TEAMLND
Y OTECH Calgary. Alberta Unit Sel: Field-USGPM
Q! Airresave mmavation  CANADA

Date/Time: Sun May 03 14:58:57 2009

Column Sub-Flowsheet: T-100 @Main (continued)

COLUMN PROFILES

1

03

i

5

6

L5

7]

8

2

m

11 [ Column Profiles Flows i

12 Temperatur { Prossurs | MNetlig(bmolem) | NetVap (ibmole/hr) | NetFeed (bmoleitu) | Net Draws (bmoleme)

[13]  “Condenser . B B — . Joes i - 3465

18] 1_MainTs | 2766 9273 5421 - _

15| 2 _MainTS N7 AN 1915 s 4794

16| 3_MainTS s 4910 8355 e e

17] 4 _MainTS 4829 8347 = =

18] 5 _MainTs ) anz7 8266 _ e

19]  6_MainTs 4568 8155 _ =

20/ 7_MainTS : 43 | 8008 - .

21f 8 MainTS g 705 | - I

22] 9 MainTS 2867 7332 — —

23] 10_Main TS 2656 7038 _ =

24]  11_MainTS 2534 6839 . e

25| 12_MainTS 420 | 872 — =

26]  13_mainTs 2321 6612 = : =

27]  14_MainTS 20 | es09 i T

28] 15_MainTS_ was | 813 S8t =

20]  16_MainTs a9 6145 - -

30|  17_Main TS .z .. 6538 - 17

31]  18_Main TS 30.08 7101 6150 -

32]  18_MainTs 3048 5905 5894 - =

[33] 20 _MainTS :

3] 21 mainTs

35|  22_MainTS

[33]  23_MainTS

[37]  24_MainTS

28] 25 ManTs

30]  26_MainTs

0] 27 _mamTs | e

41] 28 MainTS |

42] 28 _MainTS

43| 1_Kero 8S

j44] 2 Kero S5

45 3_Kero SS

[46]  Kero SS _Reb

[47]  1_Diesel 85

8] 2 Dieswss |

49]  3_Diesel SS

50f 1_AGOSS

51] 2 _AGOSS

52| 3 AGO SS

54

55 ) I G Y o] SR s i M TR ) i

56| ) B 1T 98201004 | -68500+004 I o

&) BT 10040005 | 733160004 I .

';' ’ 3435 ) -1.032e+005 -7.705e+004 i

o] D ) 9811005 . -T886e004 =

60} ot E T 8 D088 ! -7.9556+004 o

o1] 3745 ; e , -8.015¢+004 oy

62 _Main 3831 ! L107e2008 -8.0640+004 -

3] | hiwd, R L ~ HYSYS v3.1.3 (Build 4827) ; T TR
Licensed to: TEAM LND ’Spec'rﬁedbyl;w

e
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Tahle 5. 28: column profiles of ADU

@ROT

LINIEr it smnavaTion

TEAMLND
Calgary, Alberta
C

Case Nama: C:\Progtam Files\Hyprotech'HYSYS 3.1.31Samples\dynciude3.hsc
Unit Set: Field-USGFM
Date/Time: Sun May 03 14:58:57 2009

Column Sub-Flowsheet: T-100 @Main (continued)

COLUMN PROFILES

ER

2

5]

5]

i

7]

8

1 &:]

10

11 Tomperature Liquid Enthalpy Vapour Enthalpy Heat Loss (Btuwhr)

12| 8 Main TS 339 -1.1366+005 8.1120+004 -

13 9_Main TS 7.0 Liideided 815604004 -

[14] 10__Main TS 238 -1.2160+005 -8.226¢+004 —

15] _11_Main TS 4373 -1.247e+005 __-8.2880+004 -

6] 12_Main TS “rz 1:271eM005 . -3.331e+004 -

[17] 13_Main TS _ 4550 129124005 8.3530+004 = )

10} 14_Main TS 4621 1:314e+005 835704004 -

19 15_Main TS 4705 -1.3480+005 1004 e

20}  16_Main TS 4837 14174005 —

2] 17_manTs 5115 -1.460¢+005 = -

224 18_Main TS 5626 -1.594e+005 _ -

23] 19_Main TS 5717 -1.659e+005 243e+004 s

124] 20_Main TS 580.6 -1.6986+005 -8.1550+004 s

25 21_Main TS 5860 -1.733e+005 -8.073e+004 2

':,'_g ] 22_Main TS 6130 -1.7360+005 -8.247e+004 F oo

27| 23_Main TS, <1.788+005 2 D 1851004 L

28 24_Main TS -1.835e+005 _ -8.058+004 — i

] 25 ManTs -1.879¢+005 -7.939e+004 s

ool 26 Main TS -1.931e+005 -7.818¢+004 P

[51] 27_Main TS -2.041e+005 -7.6366+004 =

B "28_Main TS 240324005 -7.228¢+004 =

5] 29_Main TS _ -2.564¢+005 -9.948e+004 —~

3] I_KeoSS 42 +1.153e+005 8.551e+004 =

35| 2 _kewoss 4407 -1.150e+005 -3.879+004 g

3] 3_Kero_SS -1.1520+005 9.0786+004 -

Z Kero_SS_Reb i

28 1_ Diesel SS -1:497e+005 =

- 2_Diosel 55 151904005 -

':5 3_]3;953]_55 o 5 '1‘553,9fq05 . -

i 1_AGOSS | -1.831e+005 . s

2] 2_AGO_SS 5898 eig| BB10I005. =

E = S_AGO SS 55_3.1; -1.9516+005 Lo i

24} FEEDS / PRODUCTS

45

46) Flov Basb:

47

42}

49 .

50} ‘Condenser

51

53] 1—Main TS PA 1 Retum Feed Liquid - -4.809e+004 | 1308 -

54| 2 ManTs PA_1_Draw Drave Liquid 4794 "] 6267 - 31ma -

55| 3_MainTs

58] 4 MainTS

57| 5 MainTS

58] 6 MainTS

59] 7_MainTS

2 8 MainTS <PA 4> _Energy v = _ e i

81| — Kero_SS Retumn | Feed Sfour = -3.676e+004 | 4301 s

62| 9 MainTs Kero SS Drav | Draw it 928.0 -] 7330 | 4070 Z

R i : ] __HYSYS v3.1.3 (Build 4827) ) fp“—"—"“w
Licansed to: TEAM LNO * Specified by user
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Table 5. 29: feed/products of ADU

-L Case Name: C:\Program Files\HyprolechtHYSYS 3.1.3\Samples\dyncrude3.hsc

E1 TEAM LND r "

B Y ROTECH caloary. Aberta Unit Set: Field-USGPM

p rsTanare fnaTae  CANADA

_5. Date/Time: Sun May 03 14:58:57 2009

3

7 | Column Sub-Flowsheet: T-100 @Main (continued)

8

io FEEDS / PRODUCTS

T

11] 10_Main TS

12| _11_Main TS

13| 12_Main TS

14| 13_Main TS

15] 14_Main TS

16| 15_Main TS

17 ; i = N sy s

:—2' 16_Main TS _ Vapout P — 7:,2559*‘”“ o Tf so4a :

20 Lid ~ -7.1046+004 -| 3645 -

Y 7 MainTs v 22 clemr f|L5ns :

o] - Liquid Ll -l enuz -| 5115 .

23| 18_Main TS

24] 18 MainTS

25| 20 MainTS

26 _<PA 5> _Energy 350004007 * 2 = s

27 . AGO SSRetum | Feed | — Vapour | — __| 454804004 .

2s] 275 | pa3> | Enengy | -3500er007 - - I

s PA3 Retum | Feed — Liquid - -8514e+004 N 2

20 ] AGO_SS Oraw | Draw | — Liquid 2748 *| -1.08%+004 ‘| s130 -

(3] Z-MainTS PA 3 Draw | Draw - Liquid 1429 *| -1.083e:004 | e130 T

32| 23_MainTS

33| 24 MainTS

34| 25 Main TS

[35] 26 MainTS

38| 27_Main TS

37 QTim | Energy 6.642e+007  ° = ! = -

o] 22-MinTS | i Feed Feed v Mexed 6231 -| 51516400 | 128 z

39 MainSteam | Feed | — Vapoux 483 °| 4352004 | 3759 -

o] P78 | Residue Draws e Liquid 1504 ‘| 16000004 [ eery -

41 Koo SS Dvaw | Foed | — fMeud 4 — | 5048004 -] 4070 -

o] 1ero-sS 1 Draw . Vapour _ 2101 -| 5338 T

43] 2 Kero SS

4] 3_Kero SS

45 Kero_SS, Energy | Energy s R — = -

o] Keo-SSReb | osene Drave - Liquid 718.1 | 1281 = s

47 Diesel SS Draw | Feed | — . Bend " 62784004 _ i, *

o] 1—DieselsS |7, Draw — Vapour 383.4 | 185 B 3

49| 2 Diesol S5

50 DieselSteam | Foed | — = Vapour 166.5 | 4379e+004 | 3000 =

[57] 32555 | Diesel Oraw = Liquid 1135 T] 9695 | 4850 -

52 AGO_SS Dravi | Feed | — L A .7 482e+004 *| s130 .

5] 1AG0_SS 3 Drawe - Vapour 211.0 *| 6501 | so0a -

54| 2 AGO SS

= f Vopour | 1288 | 43791004 < 2000 :

;‘ 3_AGO_Ss Liquid 202.4 < a2 g :-gs_a_-a__..__.._;

7] SETUP

58

= Golmn ElowehatiFopciogyt 15

50| Total Theor. Stages: 40°| Total Tray 471 Condenser + Rebailer: 2*| Pump Arounds: Ay

61| Side Strippers: 3| Side Rectifiers: 0°| Vapour Bypasses: 0-

62

oo | Fyprotech L. 0 o i e HYSYS'VE.).9 (Build 4827) S L N Y - P aca 25 T 2D
Licensed to: TEAM LND *Specilsd by vaer
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Table 5. 30: feed/products & dynamics of ADU

1] Case Name: C:\Program Files'HyprolechiHYSYS 3,1.3\Samples\dyncrude3.hsc

E TEAMLND ;

'A_; Y Ro ECH Calgary. Alberta Unit Sel: Field-USGFM

= Grercer mmavarios  CANADA

= Date/Time: Sun May 03 14:58:57 2009

a Column Sub-Flowsheet: T-100 @Main (continued)

2 Sub-Flowsheet

10 Feed Streams Product Streams

1 Intemnal Stream External Stroam Transfer Basis Internal Stream External Stream Transfer Basis

12 MainSteam | Main Steam @Main T-P Flash ______ Residue Residue @Main | ~ T-PFlash

] _ QTrm Q-Trim @Main oo Req'd Ao Cond AtmosCond @vain | NoneReqd

[14] _AtmFeed |  AlmFeed @Main TP Flash _Off das OfiGas@Main |  T-PFlash

15|  Kero_SS_Energy R _None Req'd _Wasle Water WasteWater @Main | T-PFlash

115 Diesel Steam Diesel Steam @Main _T-PFlash |~ Naphtha Naphtha @Main |~ T-PFlash

7] AGOSteam _ AGO Steam @Main T-PFlash | Keiosene Kerosene @Main | T-PFlash

18] atmresidue i : o Ahiond Sebs il DRSSO Diesel @Main _ . T-PFlash

1194 vacdaty | _ None Req'd . Aco __AGO @Main  T-PFash

20| I _PALQ o None Req'd

21 PAZO — Nane Reqd

[22] PA3Q | NoneRequ

23] vac feed | <Noneser

24

[25] VARIABLES

o

;(: Column Flowsheet Vars Available as Parameters

28 Data Source Variable Component Descript

29

120§ COMPONENT MAPS

2; Feed Streams

ET) In to SubFloviSheet Out of SubFlowSheet

5 dvd P SR I 1

135 ]

125

137

129}

39

40] - - = - :

m e .
CE Product Stream

:; Inta Sl-leh’LSLeot Out of SubFlowSheet

m e - = R 7S

45]

46] T P il T ) i T

ﬂ' oo r—

48| S : — —~ el

-4_9- e - i

5] . : . : b

31- ........

52 _

53 - - e aa e o Eroa ——

54 e e e et i

55

55| DYNAMICS

57

58 Vessel Dynamic Specifications

i Vessel Condenser Kero_SS Reb

mMES () 312" 5.235

62 ht.0 {1 — B2 3.281

o e (TR T T HYSYS v3.1.3 (Bulkd 4827) LB N S B 57 o 55

Licensed to: TEAM LND * Specified by user.
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Table 5. 31: holdup details of ADU

Case Namar GAProgram FlesiHyprolechtHYSYS 3.1.3:Samples\dyncruded.hsc

) TEAMLND —
ROTECE  Calpary. Aberta UnitSet:  FisUSGPM -
LIrEeEvEns imnovariow CANADA N

Dute/Time: " Su Moy 03 14:56:57.2000:

Column-Subi-Flowsheet: T-100 @Main (continued)

TEEEEEEEEFEEEE

Volume.0 (R3) 1758 70.63°
Liguid Volume Petcent (%) 3005° 50.05 ¢
Lovel Calculator __Horizontal cytindes Vertical cytindes
Praction Caleutator Uso levels and nozzles | Usa levels and nozzles
Vesse! Dekta P (psi) 9.000° 0.0000 *
Fixed Vessel P Spec {psia) 19.70 30,00
151 Fixed P Spoc Active lict Active NotActve
..‘;:- Other Equipment in Column Flowsheet
m . _ _.PA1Codler@COLY
9 T _ PA2Coer@oOMy T e
| 2 . PA3Coder@COLY o )
21 i . wv-moecout T
% ) . wvo1@oout -
2| ' ) M-z gcott
24 vac heater GCOL1 - -
25 Holdup Detalls
28
27 Pressuro
% (psia)
) ..o
! 0] I .
31|
32
33 St
34
351 ¢
3]
E
331,
3
40
! 41
424 13
43
44
45 ]
46
a7
42}
1 49
50
|
!
1
i
+
I
!

M T
Page 72
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L

Table 5. 32: holdup details of ADU

TEAMLND

Caso Name:!

CaProgiam Files\HyprolechiHYSYS 3,1.3iSamples\dyncride3.hst

Unit Set;

Fiol-UISGPM

‘Dal M I, .E'

. SimMay 03 14:58:57 2009

o ',QQ.'u!ﬁ!‘ $qb-FIowsheet; T-100 @Main (continuéd) .

Pressure
{psia)

Volume
[us))

Bulk Liquid Volume
[us)]

slERERIl ]|~ ]-]-

_1_Diesel_SS

2_DiessiSS

3__Diesol SS

AAGoss

3_AGO SS

2_AGOSS

. 3043
062 .
.

NOTES

2419 _
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Vacuum Distillation Column

This column is used to fractionate the least volatile components of the crude, which are the
bottoms of the atmospheric distillation column (TOPPED). The vacuum distillation model
represents a column of 9 theoretical trays without a reboiler and a condenser. The column
includes three pumparounds that are in charge of recirculating the liquid between trays 2 and
11, 6 and 5 and 9 and 8. The bottoms of atmospheric distillation are fed at tray 9 of the vacuum
distillation column. The product streams of the column are located at the upper part (vac
| ovhd), at tray 2 (LVGO), at tray 5 (HVGO) and at tray 9 (vac residue). This column operates
1 at 1.6 psia of pressure.

| All the process flow diagram and simulated Yesults are shown below:

Figure S. 3: PFD of vacuum tower

PA 2. 0-Cooles
PA_2_Retumn 1
ph’2_Cooler
| ¥

1 ' PA_2, Draw

Lo ;;,—;4:{63 pySrre "7 case: C:\Program Files\HyprotechHYSYS 3.1.3\Casesivac tower.hsc Flowsheet: vac tower (COL1)
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Table 5. 33: connection & monitor of vac tower

CasoName:  CaProgiam FilestHyprotochHYSYS 3.1.3\Caseatvac towerhee

E@ROTECH Calgary, Alborta URSeE ' Flaki-uSGPM T
LINCRTOLE INBQVAVION cmADA - —

DatolTime! - SunMay03 14:03:42 2000

(,foiqmn S'ub-Flowshegt:' AYac’t_qw’e‘r;@Main

CONNECTIONS

STREAM NAME ___Stage __ FROM UNIT OPERATION

. vac steam e 8T8 e e

vac feed 8 _TS-1 i .
STREAM NAME __Stage TO UNIT OPERATION

vac ovhd B o Ts e e

Vecresidue 18 T81 R T

_TopStagePA_Q-Cooler _LPAY e o - e e

2_T1s1 B

EREEEEEEEEERBEEEREEEEREEER L o[- 1-1~1-

S A
SpeciledValve | e == A% Tok | Acive Used
T A ) 1211 USGPM * 1211 USGPM 8.5430-005 | 1.0000-002 * “asusorm | on T on 1 oo |
LVGO Rate 140.9 USGPM * 140.9 USGPM 89430003 | 1.0000-002 * 4403usePm ] on | om on
VGO Rato 3983USGPM 3963USGPM |  2.3060.005 | 1.0000002°]  4403USGPM-| on | on | on |
PA 1_Duty(Pa) - .9.,1520+008 Bty — 1.0000-002 * 0.9478 Bty * [ ] Oon on
Oraw Rats ST32 bt _ 5T320whr | 66370005 | 1.0000-002 2205WMe-l on | oo | on |
PA 2 Rate(Ps) 1167 USGPM * "1167USGPM_| _ -4.2600-008 | 1.0000-002 * 4403USGPM *] ©on oo | on |
PA 2 Duty(Pa) 3.00004007 Btwhe =|  -3.0000+007 Biu/iw 00000 | 1.0000-002 - 094788 -] On | oOn | on ]
PA_3 Rate(Pa) 1453 USGPM * 1453 USGPM ~1.4850-005 1.0000-002 = 4.403 USGPM ~ on o on
PA_3 Duty(Pa) 1.4370+007 Btwe *|  1.1370+007 Blue 0.0000 | 1.0000-002 * 0.5478 Bty ©| _ On o o

PA_2_Rate{Pa)

T EEREREEEEREEEEEEEEEREEREEERRENE

e ——

‘ o i Page 75
' Modeling and Simulation of Crude Distillation Unit




R
Y s
i i
<
Table 5. 34: profiles of vac tower

1 1] Casa Nama: C:\Program Files'Hyprolech\HYSYS 3.1.3iCases\vac tower.hsc
i TEAM LNOD 7
3 YPROT Calgary, Albenta Unit Set: Field-USGPM
4 Letevece imnasarios  CANADA
— Date/Time: Sun May 03 14:03:42 2008
2
(5]
a Column Sub-Flowsheet: vac tower @Main (continued)
8
9 Column Specificalion Parameters
1 PA_2_Rate(Pa)
11
112] Spec Type: Flow Rate_| Pumparound: PA2 | Flow Basis: Volume
2 PA_2_Duty(Pa)
14
13} Fixed / Ranged: Fixed | Primary/Alternate: Primary | Lower Bound: — | Upper Bound: g
16} Spec Type: Duty | Pump d PA 2
in PA_3_Rate{Pa)
18
13| Fixed / Ranged: Fixed Primary / Alternate: Primary | Lower Bound: oy Upper Bound: =
|20] Spec Type: Flow Rate | Pumparound: PA 3 | Flow Basis: Volume
121 PA_3_Duty(Pa)
2
23] Fixed/ Ranged: Fixed | Primary / Alternate: Primary | Lower Bound: o Bound: =
24| Spec Type: Duty Pumparound: PA 3
B SUBCOOLING
26
27
28] Degrees of Sub
26| Subcool to
EY User Variables
31
132 PROFILES
33
34 General Paramelers
35| Sub-Flow Sheet: vac tovier (COL1) | Number of Stages: T
g Profile Estimates
37 Temperatura Het Vapour
22| (2] (ibmolerhr)
20| 23007 2416
s 25638 2503
¥ - TR ... - - 812
2] - 24 7824
] e T4es
= 3.
i e 1064
45 . . i NN - 1003
] e T2 981
o T 7000 B =
47 - 380.8
48 EFFICIENCIES
;9’ Stage Efficiencies
51| Stages | OverallEfficiency | Methane sl Propane L n-Butane

1.000 1000 1.000 _1.000 1.000 1.000
52| 1_Ts1 - B - e i
53] 2 - 1.000 1000 1000, 1000 ). _1.000 1.000
53] 2_Ts-1 1000 s A ) X
5] 3 Ts-1 1000 1 1.000 1.000 1.000 1.000
= 1000 | 1000 1000 1000 1000
sl 1000 1.000 _1.000 1000 1.000
=a] 7 1,000 1000 1000 | 1.000 1000
=t 1.000 1.000 1.000 1.000 1.000
50| 1.000 1.000 1.000 1.000 | 1.000

9* . s =
= NBP[O}4! NBP[0]79 NBP[0]111 NEP[0] 144
P 1,000 1.000 1.000 1,000 s
5l  HYSYS v3.1.3 (Build 4827) ____Pagedofid4
" Specified by user

%
e, ]
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Table 5. 35: operation of vac tower

TEAMLND
cu Calgary. Alberta
\ivcevaly twmevavion  CANADA

“Case Name: C:Program Filos\)'lypfo!ech\HYSYs 3t.3K:ases\vac towver.hsc
Unit Set: Fild USGPM '
DatiMine: . SunMey03 1403422008

. Column Sub:Flowstiest:

vac tower @Min (continiued).

cERERREEEEEBEEREEREEEEREREE
[ 1

_On |
_SimpleK_|
_Low
IRt trom ideal K's: off Damping Parameters
initlal Estimate Generator Parameters Azootrope Check: o
Resative [EG for Chomicats): Off | Fixod Bamping Factor: "
1
SIDE STRIPPERS
SIDE RECTIFIERS

slelelalslaizla]s

(Bt
|?n PA1 2_T81 1_Ts1 2095 -9.1520+008
A3 6 _T5-1 §_T5-1 1344 T 3.00000007 |
. 9 TS 8_Ts1 1372 1.137e+007

BEAAARSAEEED




Table 5. 36: properties of streams of vac tower

E Ennovvu e nevATIen

TEAMLND
Calgary. Albefta
CANADA

CasaName:, ~ CAProgrom Files\HyprotechHYSYS 3.1.3\Casestac towet hsc
‘UnhSek, . FleldUSGPM o

‘Sin May 03 1403422008 . .

.. Column Sub-Flowsheet vac ﬁower @Main (continued) .

TEEEEFFEEEEEER

Py
=

Wolr Length (] 3907 -
Tray Spaco 0] 1.840 -
Tray Volume _(R3) 3120
Disable Heat Loss Caicutations No
Hoat Model Nono
Rafing Calerdations

15| TrayHoldUp 03 3.120

16

Other Equipment In Column Flowsheet

PA_2 Cooler

PA_3 Cooles ]

100 *

82;safswa&&ealwmzlsaslasalaf:ssz&s]s&raseamasauguzsaalala

AEERRE L ey, K

05738

7430

2478

| MotrFlow _ (@moleh) 1594 5799 9145

Mass Flow 65816+005 232104005 4.5600+005

Sid kdool Liq Vol Flory 1445 4202 et

‘Nokar Entli .2.1920+005 -1515e+005 -2.656e+005

Mass 5008 AR3.7 5289

Motss 3857 3130 4397

| MossBotopy ~ @uF) 0.8507 09167 08829

Hoat Flow -3.4350+008 -1.0300+003 -2.4650+008

Molas Denzily Themolard) 39680-004 1.7050-004 8.7350-002

Masa Density 01748 8.8226-002 4451

! Std idead Lig Masa 60.24 ~58.&

f: *"l‘ iR i ) m S m
: Ucensed to: TEAM LND -

| Modeling and Simulation of Crude Distillation Unit




Table 5. 37: properties of streams of vac tower

1] Case Name: C\Progtam Fibs\Hyptotech\tiYSYs 3.1.3Casestvao tower.hsc
2 TEAMLND — :
n ﬁ o ECH Calgatym Unit Set: FW-USGPM . -
i LINACYCLE I1NROVATION Dal E . sm-m'm14 m ) o ‘ ] .
5 ofTime m A
6
7] Column ~Sub-Flowsheet vac tower @Mam (contmued) o
s v ' : i
9
10
11
12
13
X 2 -r“_u
25] Mass Flow ) 1.32:: 7901
26] S idoal Liq Vol Flovr — -
iy e 52 Se82
28 Bub)
~ Mass Enthalpy a5 am
2 2419 2418
oss Broop) -2.2430+007 -2.2430+007
@utn) | 22430700
31] Heat Flovi > - 2
”M——‘—‘" 5‘“’ oz | 4,6700-002
3] Mass = e
34| Std ideat Liq Mass 230 gﬁ:
35| _LiqMase Donsity @StdCond__ (DD 0. —
6] Motar Host 8317 8317
i 046817 04617
31| MossHeat Copacty _ GUBT) ioOE 15040002
Thermal ¥ I ey
: - 1.4070-002 1.4070-002
= 1802
uil - 08912
2 ¥oportiesys : Vac fesl
43 §k.: LX)
4 0.0000
= 7097
y y ) .
(8] Temporohe: 1800
1.500
47} Pressire: _(psta) | 05000
@] Molarflow __ (@moieh) | o4 00000
™ 445004005 0.0000
o MassFow (b 00000
50] 5id ideat Liq Vol Flow (USGRM) | .—_,_.—--"""*s ”
51] Molar __-...———-—-—-zaaauu!——-————'-m
5833 3.2
§ 52| Mass Enthalpy _ML.__.___;; ey
f 53] Motar 7 1028
i 54] Mass Entropy {w— - 00000
55] Heat Flow e e ] t;a?mn“-———‘- '
- 872 2.6550-002
S 6141 5S4 8141
58] Std ideal Lig Mass > e S Te vy
T S X 1151 a1
& mz D> 0.7269 08478 0.7269
z 5.9350-002 1.9040-002
n e x N4 0] ¥ -
a3l T 84 L A 4
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Table 5. 38: properties of streams of vac tower

1 .Case Name: C:AProgram Fles\Hyprotech HYSYS 3.1. 3 Casesivac lover hse
2] TEAMLND o ‘ '
B @mcna Calg, Ao bas:  Fdsusch
4 LIPCEYELS InuSvITION CANADA .
a DatesTime: SiinMay 03 14:03:42 2009” 5
5 |
7
8 ‘
. - -
10
11
12| Siface Tension 1364 = 1364
T;——-——'! ig 1777 5215
13} 2 Factor
_i_-"j' o LR o
16
17 Phass Fraction
18] Temporaturo: _
Pressure:
Mokat Flow_ 2438 0.0000
Maza Flow (bis) 832504004 0.0000
'S Ideal Lig Vol Flow 140.9 0.0000
Motar Ecthalpy Bumxmolo) -2.1930+005 -1.0270+005 2.1030+005
s 8453 3587 8453
——m—m ————r 5 5214 1215
——m———‘———m ) 04582 1.820 0.4582
—ﬂm n,,! 5.34Te+00? 0.0000 5.3470+007

sllele el ERERB N2 EINIRIS]S

ARESEUEEESREREEEEARRRAEREAEE

ZFi 3100003 . 0.8947

R T T ]
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Table 5. 39: properties of streams of vac tower

1
Z /R LD Case Name: CProgram FilesHyprotechiHYSYS 3.1.3\Casestvac tower hsc
A ﬁ! ROTECH Calgary. Alberta Unil Set: Field-USGPM
% Lirevens innavation  CAMADA
5 Date/Time: Sun May 03 14:03:42 2009
15
o Column Sub-Flowsheet: vac tower @Main (continued)
8 Properties : vac ovhd
10 Overall Vapour Phase
11| vapour/Phase Fraction 1.0000 1.0000
12| Temperature: (F) 2253 2253
13| Pressure: (psia) 1.600 1.600
14| Molar Flow (Ibmole/hr) 2416 2416
15| Mass Flow (Ib/hn) 5732 * 5732
16| Std Ideal Liq Vol Flow (USGPM) 12.15 12.15
17| MolarEnthalpy (Btu/lbmole) -1.025e+005 -1.025e+005
18] Mass Enthalpy (Bwib) 4318 4318
18] Molar Entropy (Btu/lbmole-F) 49.84 49.84
20| Mass Entropy (Bwib-F) 2.101 2.101
21| Heat Flow (Btuhr) 24754007 -2.475e+007
22| Molar Density (Ibmole/M3) 2.179e-004 2.179¢-004
23| Mass Density (IbA3) 5.169¢-003 5.1690-003
24| Std Ideal Liq Mass Density (Ivf13) 58.83 58.83
25| Liq Mass Density @Std Cond _ (Ibift3) 61.77 61.77
26] Motar Heat Capacity (Btu/bmole-F) 10.56 10.56
27| MassHealCapacity  (Btuib-F) 0.4450 0.4450
28] Thermal Conductivity (Buuhr-ft-F) 1.370e-002 1,3700-002
20| Viscosity (cP) 1,0172-002 1,017e-002
30| Surface Tension (dyne/cm) — ' -
31] Molecutar Weight 23.73 2373
32| 2 Factor 0.9991 0.9991
% SUMMARY
35| FlowBasis: __wolar | The composition option is selected
3% ! Feed Composition =
37 ) vac feed vac slsam
35| Flow Rate (bmolelhr) | 15944000403 2202752
30 - R . 2
40)" 0.0000 2eid | 0.0000
41 00000 00000 °
2l 0.0000 0.0000
4] 00000 00000 :
a4] 0.0000 s 00000
45 00067 [ 1.0000 -
s8] Qo00%F b 0.0000 _
a8 0.0001. i 8 00000
49 0.0002 ) KR .-
50 0.0002 . -
51 0.0003 00000
52 0.0004 il 0.0000
53 0.0006 . 00000,
54 0.0008 ! 0.0000,
55 0.0011 ; 0.0000
5 00016 00000
57 0.0022 00000
58 0.0036 i 0.0000
s9] 0.0058 0.0000
80 00085 0.0000
51 00113 : 0.0000
52 BP{DJS Y — 0.0000
53] _Hyprotech Ltd. FYSYS v3.1.3 (Build 4827)
Licensed to; TEAM LND - Paget:“f 14
SDECI‘hed user

ﬂ
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Table 5. 40; feed composition ad flow rate of vac tower

Case Name: CiPiogram Files'Hyprolech\HYSYS 3.1.3\Caseslvac toverhse
TEAMLND
Y ROTECH Calgary. Alberta Unit Set: Field-USGPM
Lirteveit nmnvation  CAMADA
Date/Time: Sun May 03 14:03:42 2008

Column Sub-Flowsheet: vac tower @Main (continued)

SUMMARY

slEllel=]-[=]=]= =]+

vac feed
o nepfosez | 0.0182
13 NBP{0ja24* 0.0221
1] NBPjojess 00265
15| ' NBP[O}688* 00316 _ i -
16 _ NBPO[T20° o036 | _
ird NBP[O]752" oo410 | 9
_ meeme | 0038
| neessst | 00929 }
| MBP[OJ47S 00324 - s
- NEP[D] fo0e: | | 01181
T NBPOHOS2T | 0.1614 k.5
124~ 0.1586

f;_lslsss:ﬂu&'ﬁt{srgswﬁagﬁﬁualsa;

FT ] HYSYS v3.1.3 (Build 4827) 2 RET Page 8of 14

213 2}58|E:8|8_|‘-'l|§'|& I_‘J.’_Ia_ SIE Sl?[& slalalslala]

W
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Table 5. 41: product composition ad flow rate of vac tower

Case Name: CiProgram Files\HyprotechtHYSYS 3.1,3'Casesivac tower hso
TEAMLND
Ro' CH Calgary. Alberta Unit Set: Field-USGPM
irrevasE ImmavATiON CANADA
Date/Time: Sun May 03 14:03:42 2009

Column Sub-Flowsheet: vac tower @Main (continued)

Rl ]=]=]:]-

SUMMARY
i vac feed Yoo sleam
12| NBP[0}1009° (bmolomn) [} 1883519 R.0000
13] NBP{0}1062* (ibmolehr) 257.3472 0.0000
14| NBP[D]1124" (bmolehr) 252.9105 0.0000
P — Products
Molar_| The composition option Is selected
16| Fiow Basia: - (he composition optionisselected |
= : T Product Compositions. : : o = :
8 7  vooouhd LVGO HVGO i vac residia
15| Flow Rale (bmolen)’ | 241.5725 243.7709 ..475.9388 . 853.3920
v - e L
21 Methane 0,000 0.0000
= : 0.0000 _ 0.0000
P 7 ' 0.0000 0.0000 .
= m———m 0.0000 00000
e =8 0.0000 0.0000
0.0006 0.0003
28! HZO e -
;7 3 NBP[OJ49* 0.0009 = 20000 -
2] nepppe ) 9.0000 - - ¥ A
29 NBP[OJI11* 60008 5 9,000 :’mt'" .
30 NBP[Dj144° o.0011 oL e
= —L : = 0.0000 0.0000
= 0.0001 0.0000
— 0.0003 0.0000
= J 0.0006 00000
= 0.0013 0.0000 -
s 0.0027 _0.0000
= 0.0053 0.0000
3; 0.0099 0.0000
= 0.0187 0.0000 -
0.0335 0.0000 -
ol 00513 00000
il 0.0689 00000 - i
A 0.0876 00001
==l 00002 i
4] 0.0004
as) i
45 - y
az |’
P .
49
s0f
51} §y
52
53 = ol
sa)
& i »|
58 The
57
590 - 243.7709 | atsees  c
soli B bl RN e _— e
— e ' 0.0001 = 0.0000 :
T'——-E;-’a‘-"-;ﬁﬂ-————————"_' T Ay i
s3] Hyprotechbtdh — T Sdecited
Y — by user,

Licensed to: TEAM LND
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Table 5. 42: product compaosition ad flow rate of vac tower

Case Namae: C:\Program FilesiHyprolechiHYSYS 3,1.2\Cases\vac tower.hsc.
TEAMLND
Calgaty. Alberta Unit Set: Field-USGPM
CANADA
: Date/Time: Sun May 03 14:03:42 2009
7 | Column Sub-Flowsheet: vac tower @Main (continued)
)
L2 SUMMARY
10
5 Tacovhd VGO : HvGo vac residue |

o T "~ 00003 - 00000 : -.2.0000 i . 00000 = O
e > |  oooss | oowo |  oseo -l opoo |
13| iButane (maleihs) 0.0082 - 0.0 - o ‘ D
15| n-Butane fbmole/h)- . boars : 0.0002 Z 0000 : 0p000 |
M Y I Y- M Y ; | ez |

17| NBPRWS" GbmoleMr) | 01108 : R0008 . 2.0001 - o0 °|
18] NePfoetbmoleht) | 0.1639 : o1 g : 0.0000 .

1] NEPAT- (ol | 02053 . 0.0030 | 00003 g oooo0 ¢l
20| NBP{OJ1A4™ @bmoletn) | 02625 2 0.0058 S OI0005 o _oooo ¢
NBP{U]176" (bmolen) | 03420 ' oo ' £.0007 : 0000 -

NEP[Oj208* (brvlety | 04917 : 00274 e 00013 . L
: 06523 2 0.0623 & P 00022 ' 0.0000

| oms | osme | oo -

- - oam | ooer - opor |7
T AR (YT . N T T O TN
T 1608 - 12892 -l oo20 ‘| ooos | -

11277 : _ 24105 B 0.0402 ) 00013 :
10483 - 45618 % 0.0863 . 00032 -
09295 s 8.1670 £ 0.1805 4 ooos1 -
ogses 124097 oss | oower -

0.4352 2 16.7987 5 0.7021 2 0.0400 !

02450 . 213530 . 12149 - 00843 -

01347 - 26.4004 3 23293 N T
_ooss0 - s0s20 atee7  -| 1

00295 | mmr el 7sete :
00037 | asoo | or3re | 2es;2 el

475,338 ,
Teeows | oo | oo
Exui Cooens | oo i

997342 o217 | oos3s

 9as311 0947 _00mT
99.4260 04922 Y 0.0811

~ 99.7823 0.0885 00319
99.1980 0.6965 0.1045
999162 08626 | 01200

— “, T i ' 984358 1.4214 04412

®%) | 065263 32719 0.1992

Hyprotech Ld. HYSYS v3.1.3 (Build 4827) 5 T Pageiiorid ]

Licensed to; TEAM LND * Spectlied by user
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Table 5. 43: column profile of vac tower

Y

TR Y

TEAMLND

Calgary. Alberta
CANADA

X . NS R .
Case Name: C:\Program Files\Hyprotech\HYSYS 3.1.3\Cgses\vac towerhpe | -

‘

UnitSet | FIoUSGPM -

. Sty 03 43422009

L ‘cblﬁmﬁv Sub-Flowsheet:. vac to\gi:eij @Ma_in (CONtin!l?_d)“ﬁ'-" L

S22 mlwlm “"I“I“]"’l"

+ o pecldid LALLUEEN
... 00036

. 00OSE

57.6842 ) 422849

35,9080 640012

174148 825852

7.78341 922159

2372 97.6628

COLUMN PROFILES

8‘3$|5|&[$t6|82888‘:1818k’&€

1 & J—

AREEEEEEEEEES
1 A i 7

2918 | TheFloms ts Solected Flowr Basls:




Chapter 6 Conclusions

A rigorous nonequilibrium model has been developed where each phase in the froth and
disengagement zone is considered as a separate, variable, completely mixed holdup and only
mechanical equilibrium is assumed (equal pressure over the tray). Mass transfer occurs
between the vapor and liquid in the dispersion on the tray. The nonequilibrium model
includes tray sizing parameters and mass transfer models and it is observed that these have a
direct and significant influence on the column dynamics. Thus, the nonequilibrium model has
the potential to include tray sizing parameters as part of the column design, control, and
optimization. Without efficiencies the model is predictive, no estimates were needed to
describe the performance of an existing industrial column, just tray design layout and

operational specifications. Tray layout specifications are not required for a nonequilibrium

simulation, they can be generated by using the design-mode during a steady-state simulation.

Nonequilibrium simulations show that the (back-calculated) component Murphree tray
efficiencies for multicomponent systems are unequal and can become completely different
given a small change in specifications. If the component efficiencies are unequal and they
change with respect to specifications then they cannot be useq in dynamic column
simulations since no model is available to rigorously compute the efficiencies. The difference
between equilibrium with a constant efﬁcieqcy .and nonequilil;rium simulation transients can
be pronounced, both qualitatively and quantitatively. These differences are due to both mass
and heat transfer limitations which the equilibrium model ignores. There are also significant

avior of columns at higher pressures simulated with models that
holdup above the froth. In general, it also takes longer to reach a
ilibrium column simulation compared to the equilibrium

differences in dynamic beh
include or ignore the vapor
new steady-state for the nonequ

simulation. '
Mass transfer models are developed that account for cross flow effects on large distillation

trays while avoiding the pitfalls that can strike while employing overall mass transfer
coefficients in the calculation of interphase mass transfer rates. New plug and dispersion flow
Jumn model are proposed and found to predict tray

models for the nonequilibrium colu i
efficiencies in general agreement with FRI experimental data on large scale equipment.

Several methods of evaluating binary mass transfer coefficients in distillation have been
evaluated. Of the methods tested, that of Chan and Fair (1984) provides the best predictions
of column performance. Additional evidence that the Maxwell-Stefan equations should be
used in the calculation of mass transfer o
rates in distillation is provided by comparing fhe predictions of the nonequilibrium model
with the new flow and mass transfer models with a simpler model based on all components
having an equal facility for mass transfer. Column designs obtained with the simple model
can be very different (in terms of numbers of stages, optimal feed, sidestream and controller
locations) from those obtained with the more rigorous approach. However, there is little
difference in the dynamic behavior of columns. This is in contrast to the use of different mass
transfer coefficient correlations which have differing dynamic characteristics. Dynamic
|| studies might provide insight on the fundamental basis of the mass transfer coefficient
|| correlations as well as that for interfacial areas. Tray layout parameters may have a profound
|| effect on the dynamic performance of the column. Effects of different tray layout parameters
| on the mass transfer can only be modelled with a nonequilibrium model. Equilibrium model

W
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simulations will show no difference in performance other than those affecting the
hydrodynamics of the tray layout. The free area ratio influences both the mass transfer and
the hydrodynamics on the tray and is one of the most important parameters. Future work on
the dynamic nonequilibrium column model must include the extension to packed columns,
which is rather simple if accurate and correctly behaving holdup correlations for structured
and random packings are available. Recent advances in modelling packed columns have
given rise to models of a more fundamental basis which also include the pressure drop over
the packing. As mentioned above, more fundamental research is needed to determine better
methods to estimate mass transfer coefficients in the vapor and liquid phase, as well as the
total interfacial area available for mass transfer. This remains an important area for
improvement. Dynamic nonequilibrium simulations of experimental data might actually help

| to discriminate between various models and provide the actual relations between vapor and

liquid resistances. The influence of entrainment and weeping flows on the tray
hydrodynamics and the mass transfer parameters is little understood, and not yet incorporated
in a proper manner in the nonequilibrium model. To do so will allow the nonequilibrium
model simulation of columns that operate outside the normal operation conditions. This is
important for the simulation of the start-up and shut-down of column processes. More models
for the condenser and reboiler should be developed, including equations that model control
units normally utilized in column operations. These models can become much more advanced
and include the heat transfer process taking place or even the mass tfansfer process of
condensing or evaporation. Extension of @e models .wﬂl.allov!' more SPemﬁC?It}OHS- Anotl?er
interesting subject is the dynamic interaction of multiple 1r.1terhnked columns, simulated with
nonequilibrium models, for example those encopnterefi in extractive distillation. Possibly
dynamic nonequilibrium liquid-liquid column 'smulatwns are ppss1ble by e{xtending the
current steady-state nonequilibrium implementation of these operations. The design mode can
be further enhanced by using an optimizing algop thm that would optimize the tray !ayc{ut for
minimum cost or pressure drop, maximum flexibility or mass transfer, or a combination of

these.
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